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ABSTRACT
The phase equilibria of supercritical carbon dioxide and hydrocarbon mixtures were 
studied. Correlation techniques for vapor-liquid and solid-fluid equilibria were studied for 
binary C 0 2 and hydrocarbon mixtures using existing experimental data. Experimental 
investigation and correlation of the experimental data were carried out for solid-liquid 
equilibria of light and heavy hydrocarbon mixtures, and C 0 2, light and heavy hydrocarbon 
mixtures.
A new technique of vapor-liquid equilibrium calculation by the activity coefficient 
method was developed and applied to binary C 0 2 and hydrocarbon mixtures. The 
extrapolated vapor pressure of C 0 2 was used for calculation of the fugacity of pure 
hypothetical liquid COz and for the pressure correction of the activity coefficient. The 
results were improved, especially in the high temperature and pressure region.
Correlation techniques of solid-fluid phase equilibrium using the Soave-Redlich- 
Kwong equation of state were suggested based on various amounts of pure component 
data. Using available pure component data, experimental solubility data were successfully 
correlated for an example mixture o f supercritical C 0 2 and octacosane. This mixture is 
difficult to deal with by conventional methods. The activity coefficient method used in the 
vapor-liquid equilibrium calculation was also applied, and good agreement was obtained.
Pressure effects on the solid-liquid equilibrium for light and heavy hydrocarbon 
mixtures were determined experimentally. The effects o f temperature and pressure on the 
activity coefficient were studied theoretically. Prediction based on low pressure solubility 
data and correlation by the Flory-Huggins plus regular solution equation, Wilson, Heil and 
NRTL equations gave good agreement, when a simple pressure correction term was used.
The effect of C 0 2 on the phase behavior of hydrocarbon mixtures which simulate 
residual oil was investigated experimentally. At low C 0 2 content, the solubility remained
almost constant with increasing C 0 2 content, but at high C 0 2 content, the effect o f C 0 2 
became significant. The data were correlated successfully at low C 0 2 content by a similar 
model to that for light and heavy hydrocarbon mixtures. For the whole range of C 0 2 content, 
a satisfactory correlation was possible by interpolating the parameters o f light and heavy 




1.1 Motivation and Background
Phase equilibrium of supercritical C 0 2 and hydrocarbon mixtures is an important 
topic for the petroleum production industries as well as for various chemical processes. 
For enhanced oil recovery (EOR). C 0 2 flooding is a very common process, and phase 
behavior of C 0 2 and residual oil mixtures is a primary concern not only because the 
production rate depends upon the phase behavior but because C 0 2 can create problems 
such as organic deposition in the reservoir or process pipelines.
Residual oil includes some lighter materials but mostly C5 plus, and consists of 
paraffins, naphthenes, aromatics. resins and asphaltenes. This complex mixture, including 
heavy components, makes the study of phase behavior more difficult. The temperature of 
oil reservoirs ranges from 300-450 K and the pressure ranges up to 10,000 psia. These 
conditions are supercritical for C 0 2 and prediction of phase behavior is more difficult than 
at subcritical conditions. In this temperature range, the common phase behavior for C 0 2 
and light hydrocarbon (LHC) is vapor-liquid equilibrium (VLE). As the carbon number 
increases, liquid-liquid equilibrium (LLE) can exist at high pressure. For C 0 2 and heavy 
hydrocarbon (HHC), solid-fluid equilibrium (SFE) or solid-liquid equilibrium (SLE) is 
found.
When C 0 2 is contacted with a LHC/HHC mixture such as residual oil, VLE, SLE, 
or SLVE (solid-liquid-vapor equilibrium) is the usual phase behavior in the low and 
moderate pressure range, and LLE, LLVE (liquid-liquid-vapor equilibrium) or SLLE 
(solid-liquid-liquid equilibrium), at high pressure, if the temperature is not high. For these 
cases, study of binary VLE for COz/LHC, LLE and SFE for CCVHHC and SLE for
1
LHC/HHC m ixtures are necessary for understanding the phase behavior o f C 0 2 and 
m ulticom ponent hydrocarbon mixtures.
The common method o f VLE calculation at high pressure is to use an equation of 
state (EOS) because there are some problem s in using the activity coefficient method. The 
most significant problem in the activity coefficient m ethod is that there are no appropriate 
methods of obtaining the fugacities o f supercritical com ponents and the effect o f pressure 
on the activity coefficient. A few authors correlate liquid fugacities o f pure components 
using volum etric data for the subcritical region and phase equilibria data for the super­
critical region. But these results are good only for the low and m oderate pressure range. 
Therefore, the activity coefficient m ethods developed so far are not appropriate for VLE 
calculation o f C 0 2/residual oil m ixtures because the pressure m ay be very high. We need 
a better prediction method for a wider pressure range.
SFE calculation has also been tried by EOS m ore often than by the activity coefficient 
method. For solid-fluid mixtures, the activity coefficient m ethod is not appropriate because 
the large volume change o f the supercritical fluid cannot be considered properly in the 
activity coefficient equations. The EOS m ethod is m ore attractive, though it needs some 
extra data such as sublimation pressure and critical point properties. These data may not 
be available for heavy hydrocarbon com ponents. In both methods, new techniques are 
needed in order to correlate the experim ental data.
SLE calculation in solid-liquid m ixtures such as LH C/HHC is usually done by the 
activity coefficient method. If we select the activity coefficient equation carefully, the SLE 
behavior may be predicted with considerable accuracy. To evaluate the solubility at dif­
ferent pressures, an additional pressure term may be needed.
Experimental data o f  VLE for supercritical C 0 2 and hydrocarbon binary m ixtures 
are abundant, and there are some data for m ulticom ponent m ixtures. If binary VLE
problems are solved, it may be possible to extend the results to m ulticomponent mixtures 
by both EOS and activity coefficient methods. However, there are not man}' SFE or SLE 
data for COz and hydrocarbon mixtures and none for systems which can represent C 0 2 
and residual oil mixtures. To understand this phase behavior and to get some information 
for its prediction, experimental data for simple C 0 2/LHC/HHC mixtures are needed. 
Evaluation o f EOS and activity coefficient methods using the experimental results will 
give some insight to the appropriate prediction method and may suggest further research 
for better prediction o f phase behavior for COz and residual oil mixtures.
1.2 Research Objectives
The ultimate aim of this project is to determine the effect o f  C 0 2 on solid deposition 
from crude oils and to develop methods for predicting this effect. All possible phase 
behaviors o f C 0 2 and hydrocarbon mixtures, including multiphase and multicomponent, 
should be studied in order to reach this final goal. In this dissertation, however, we have 
limited our scope o f work to the phase behavior of binary mixtures and simple ternary 
mixtures, excluding more complicated multicom ponent and multiphase behaviors.
The objectives o f this study were:
1) Correlation o f VLE and SFE for CCVHC binary mixtures.
2) Experimental measurement and correlation o f  SLE for simple LHC/HHC 
mixtures.
3) Experimental measurem ent and correlation o f SLE for simple 
COz/LHC/H H C mixtures.
For the first objective, VLE and SFE of C 0 2/H C binary mixtures were studied. As 
abundant VLE experimental data are available, we studied VLE by the activity coefficient
method and the applicability o f  the information from this VLE study to other phase 
equilibria. For mixtures o f  supercritical C 0 2 and HC solid, many authors have reviewed 
the calculation method by EOS. But they did not study mixtures involving long chain 
molecules, which are quite different in their physical properties. Therefore we have studied 
simple correlation techniques with available C 0 2/nC 28 equilibrium data, and have sug­
gested methods for the heavier com ponent whose sublimation pressure or critical point 
data are not available. The results of the VLE study are presented in chapter 2 and those 
of the SFE study in chapter 3.
In the second objective, the study focuses on SLE o f LHC/HHC pairs because 
methods are available for predicting vapor-liquid equilibrium. As our pressure range o f 
interest is high, pressure effects must be studied before we study phase behavior of 
C 0 2/LHC/HHC ternary mixtures. We have measured saturation conditions at low to high 
pressure and have developed an appropriate model for the correlations. This work is 
presented in chapter 4.
In the third objective, solid-liquid phase behavior o f C 0 2/LHC/HHC ternary mixtures 
was studied experimentally and correlation methods were developed. In this study, we 
may gain some insight into the C 0 2 effect on the deposition o f organic solid from residual 
oil, even though our ternary mixtures are very simple compared with real C 0 2 and residual 
oil mixtures. Chapter 5 presents these studies.
1.3 Literature Review
Studies of VLE using the EOS method have been reported in recent papers (Chao 
and Robinson, 1979, 1986; Knapp and Sandler, 1980; Renon, 1983, 1986; W alas, 1985). 
Han et al. (1988) reviewed seven EOS for VLE of binary m ixtures including CO;>/HC 
mixtures and showed that cubic equations were successful. Lin (1984) examined the best
values of binary interaction parameters forthe Peng-Robinson equation of state (PR-EOS) 
and the Soave-Redlich-Kwong equation of state (SRK-EOS) for C 0 2/HC binary mixtures. 
ThePerturbed-Hard-Chain (PHC) EOS was compared with the SRK-EOS for C 0 2/bitumen 
fractions by Huang and Radosz (1990). The Simplified Perturbed-Hard-Chain (SPHC) 
EOS was used by Georgeton and Teja (1988). The molecular parameters o f SPHC-EOS 
were re-evaluated by Ponce-Ramirezet al. (1991). Recently, new or modified EOS (Suzuki 
et al., 1990; Sheng and Lu, 1990; Rogalski et al., 1990; Jan and Tsai, 1991; Anderco and 
Pitzer, 1991) have been developed but not evaluated for mixtures broadly.
Studies of VLE by the activity coefficient method are limited. Prausnitz and Shair 
(1961) correlated reduced fugacity for gas solubility at low pressure. General correlations 
of pure liquid fugacities were made by Chao and Seader (1961), Robinson and Chao (1971) 
and Lee et al. (1973). Lee et al. (1973) also correlated the binary interaction parameter of 
the liquid phase for HC/HC mixtures and several other binary mixtures including CCVHC. 
Calculation of partial molar volume for pressure correction of the activity coefficient was 
studied by Chueh and Prausnitz (1967). Kim and Johnston (1985) showed that partial molar 
volume is the most fundamental macroscopic thermodynamic property that can be used 
to analyze supercritical solution phenomena. The UNIFAC method has been studied by 
Fredenslund et al. (1975,1977), Tiegs et el. (1987), Dahl and Michelsen (1990), and Hansen 
e ta l. (1991).
Modelling o f SFE for supercritical fluid mixtures has also been tried by the EOS 
method more often than by the activity coefficient method. The first efforts of SCF (su­
percritical fluid) phase behavior prediction was tried with the Virial equation (Edward, 
1953; King and Robertson, 1962; Najour and King, 1970; Rossling and Franck, 1983). 
The most successful EOS for supercritical phase behavior were found to be cubic equations 
and the perturbed hard chain equation of state (PHC-EOS) (Brennecke and Eckert, 1989).
Among the cubic EOS, SRK-EOS and PR-EOS have been used widely to model solid/SCF 
phase equilibria. PR-EOS was proved to perform almost as well as more complicated 
PHC-EOS for a wide variety o f solutes in different SCF solvents (Ellison, 1986; Hess, 
1987). Haselow et al. (1986) evaluated nine EOS for supercritical extraction and showed 
that the SRK-EOS produced the best overall results for 31 binary systems. In addition, the 
lattice model (Van der Hagen, 1988; Kumar et al., 1987; Bamberger et al., 1988) and mean 
field theory (Jonah, et al, 1983; Economou and Donohue, 1990) were applied for super­
critical fluid and solid phase equilibria.
M odelling o f the solubility o f solids in supercritical fluids by the activity coefficient 
method was studied by Mackay and Paulaitis (1979), Eckert et al. (1986), Z iger and Eckert 
(1983), Vetere (1979), etc. The most successful use of solubility parameters in a semi- 
empirical correlation was done by Ziger and Eckert (1983) for solid/SCF phase equilibria. 
Recently, Kramer and Thodos (1988) studied the solubility o f solids in supercritical fluids 
using the Flory-Huggins theory.
It can be concluded that phase equilibria of supercritical fluid mixtures have been 
mainly studied by the EOS method, probably because the EOS method is simpler and 
includes fewer adjustable parameters. The activity coefficient m ethod has not been used 
by many researchers for VLE in the supercritical region. It was tried for SFE by several 
authors, but for specific systems.
M odelling of SLE has been done mostly by the activity coefficient method, and there 
are many different models available. But all the models are developed only for atmospheric 
pressure. Regular solution, Flory-Huggins, W ilson, NRTL, UNIFAC, and UNIQUAC are 
the models most frequently used. Among these, the Flory-Huggins equation dealt with 
only athermal mixtures (Hh = 0) and in most applications for real mixtures, it is used with 
the regular solution equation. Modelling o f the solubility in LHC/HHC mixtures has been
studied by many authors such as Renon and Prausnitz (1968), Choi et al. (1985), 
Haulait-Pirson et al. (1987), and Knalz(1991). Modelling o f solubility in C 0 2/LHC/HHC 
mixtures has been studied by Chang and Randolph (1990) using PR-EOS, and by Dixon 
and Johnston (1991) using the expanded liquid EOS model.
There are abundant experimental data for VLE of C 0 2/HC mixtures and some for 
other phases and systems of interest. They will be dealt with in each related chapter.
CHAPTER 2
V A PO R -LIQ U ID  E Q U IL IB R IA  O F  BINARY C 0 2 AND H Y D R O C A R B O N
M IX TU R ES
2.1 Introduction
The phases formed by C 0 2 and residual oil mixtures are expected to include vapor, 
liquid and solid. The equilibrium may be solid-liquid-vapor equilibrium  (SLVE) at low 
pressure, and it may be solid-liquid equilibrium  (SLE), or solid-liquid-liquid equilibrium 
(SLLE), at high pressure. Although this refers to the equilibrium in m ulticomponent 
mixtures, study o f binary C 0 2 and hydrocarbon mixtures is required before we study the 
complicated phase behavior o f m ulticomponent mixtures.
In binary COz and hydrocarbon mixtures, vapor-liquid equilibria (VLE), SLVE, SLE, 
SLLE, and solid-supercritical fluid equilibria (SFE) may be possible. Among these phase 
equilibria, VLE is the most common phase behavior fo rC 0 2 and light hydrocarbon (LHC) 
mixtures at our conditions of interest. For C 0 2 and heavy hydrocarbon (HHC) mixtures, 
the equilibrium will be VLE when the temperature is higher than the melting point o f HHC, 
and SLE or SFE when the temperature is lower than the melting point. Among all these 
phase equilibria, VLE study is the most desirable way to get information and insight for 
prediction models, because many VLE experimental data are available in the literature for 
COz and hydrocarbon binary mixtures.
For low pressure VLE calculations, there are conventional methods which are good 
enough for initial estimations. Both the activity coefficient method and the equation o f 
state (EOS) method can be used. But for high pressure VLE calculation, the equation of 
state method is used more often because the condition is usually supercritical for the m ore 
volatile component. The EOS method has been studied, using many different EOS, by
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authors such as Han et al. (1988), Huang and Radosz (1990), Ponce-Ramirez et al. (1991), 
and Anderco and Pitzer (1991).
In applying the activity coefficient method to a mixture including supercritical fluid, 
there are problems in defining pure liquid properties of the more volatile component. These 
properties are needed in the calculation o f liquid fugacities in the mixture. Prausnitz and 
Shair (1961) correlated reduced fugacity for gas components at low pressure. General 
correlations o f pure liquid fugacities were made by Chao and Seader (1961), Robinson 
and Chao (1971) and Lee. et al. (1973). In spite of their endeavor to obtain general cor­
relations for the pure liquid fugacities, the correlations give reasonable results for the low 
and moderate pressure ranges only. Calculation o f partial molar volume for pressure 
correction o f the activity coefficient was studied by Chueh and Prausnitz (1971). But real 
pressure correction in VLE calculation has not been done yet, probably because the partial 
molar volumes in the liquid mixture cannot be calculated when the EOS does not give 
liquid volume of the mixture at low pressure.
In this study we propose to solve the problems involved in using the activity coef­
ficient method. The Flory-Huggins plus regular solution equation was chosen for the 
activity coefficient equation because the heavy hydrocarbons in petroleum oil are quite 
different in molar volume from C 0 2 and light hydrocarbons, and the equation needs fewer 
parameters than other equations o f similar performance. In case o f similar sizes of the 
molecules, the Flory-Huggins terms die out, and the regular solution theory terms con­
tribute predominantly to the activity coefficient.
For vapor phase fugacities, the Soave-Redlich-Kwong equation o f state (SRK-EOS) 
was selected not only because it is simple and often used in the industry, but because it is 
one o f the better EOS known so far. The Peng-Robinson equation of state (PR-EOS) is 
known to be a little better than SRK-EOS in prediction o f phase behavior by the EOS
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method (Han et al, 1988), perhaps because it gives a little better liquid molar volume than 
SRK-EOS. But in this work, vapor volume is more important because the equation of state 
is used for vapor fugacities and only for minor corrections of liquid fugacities. as will be 
shown in the following sections. Both equations of state were tried preliminarily and it 
was found that SRK-EOS was a little better than PR-EOS, as expected, except when the 
temperature was very close to the critical temperature o f the hydrocarbons.
2.2 Calculation of VLE by Activity Coefficient Method
The general equations for VLE calculations are
The activity coefficient, y„ must be evaluated at the temperature and pressure of the 
solution. The fugacity coefficients, <j>,' and <J»7, can be calculated by SRK-EOS, and the 
activity coefficient at a constant reference pressure (Pr), by the Flory-Huggins
plus regular solution equation. For a binary mixture, the activity coefficient equation is
( 2 - 3 )
(2 - 2)
(2 - 1)
( 2 - 4 )
( 2 - 5 )
where, P r is the reference pressure at which the activity coefficient is correlated, and
Binary interaction parameters, l,t . were included because C 0 2 and hydrocarbon mixtures 
are nonideal and unlikely to be fitted well without these parameters. In most previous work, 
the pressure effect on the activity coefficient was assumed negligible, and was used 
instead o f y , without pressure correction.
In applying the above general equations, there is no problem in calculation of 
fugacities in the vapor phase, if we tolerate the errors which occur in the equation of state. 
But in the calculation of the liquid fugacities, there are several problems :
1) Vapor pressure of C 0 2, which is used in calculation of the pure liquid fugacity, 
is undefined when C 0 2 is supercritical.
2) Liquid molar volume of pure COz cannot be defined because it is a vapor or 
supercritical fluid when it is in the pure state.
3) Neither the Flory-Huggins nor the regular solution equation includes the effect 
of pressure.
4) Solubility parameter data are not available at different temperatures, and inter­
action parameters, lit are not known.
In this study, new strategies to solve these difficulties in the activity coefficient method 
will be suggested.
2.2.1 Liquid Fugacity of Pure Supercritical C()2
When the temperature is subcritical, liquid fugacity of the pure c o m p o n e n t , c a n  
be calculated readily using its vapor pressure by equation (2-4). This relation is based on
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the fact that the fugacity o f pure saturated liquid is the same as the fugacity o f  pure saturated 
vapor at equilibrium.
/ = / (2 - 6)
The pressure at which this condition holds is the vapor pressure o f the pure material at the 
given temperature. The same method may be applied for supercritical fluid in determining 
the fugacity o f  the hypothetical pure liquid. For the application, in equation (2-4), we need 
hypothetical vapor pressure and hypothetical liquid m olar volume of the supercritical fluid. 
The extrapolation o f  vapor pressure to the supercritical region can give an appropriate 
hypothetical vapor pressure of the supercritical component. Also, the fugacity at the 
extrapolated vapor pressure may be an appropriate fugacity o f  the hypothetical saturated 
liquid. For the extrapolation o f the C 0 2 vapor pressure, O rr and Jensen (1984) used the 
following equation for the vapor pressure o f C 0 2.
This extrapolated vapor pressure and the extrapolated bubble point pressure of the mixture 
may be similar. This phenomenon can be deduced from the fact that the bubble point 
pressure at subcritical temperature approaches the vapor pressure, as the composition 
approaches the pure state. Except for this fact, the extrapolated vapor pressure does not 
have any physical meaning. It is simply used for the reference pressure in the calculation 
o f the fugacity o f  pure liquid C 0 2 as in the case o f  subcritical conditions.
Now the problem in the calculation o f the fugacity o f pure liquid C 0 2 is the Poynting 
correction from saturation pressure to system pressure. C 0 2 volume change is great at low 
pressure, and large errors may result. This problem can be solved if  we choose an 
appropriate reference pressure as will be shown in section 2.2.3.
( 2 - 7 )
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2.2.2 Pressure Correction for Activity Coefficient
At low pressure, we may use the activity coefficient without pressure correction. At 
high pressure, especially fo ra  mixture including a component whose volume change with 
pressure is large, the activity coefficient may change much with pressure. In this case, the 
pressure correction is necessary.
Pressure dependency o f fugacity can be derived from the fundamental expression 
for excess Gibbs free energy
' 3  In/, 'i
d r  J r . , .  X T
Then, the pressure correction for the activity coefficient can be defined as 
rainy  ̂ V i - V ?
(2 - 8)
’ ,L  vr
(STD state = system P) (2 -  9)
I  a p  r t
The activity coefficient correlation (2-5) is valid at constant temperature and pressure. So 
when pressure varies much over the composition range o f interest, we should correct the 
yf from equation (2-5) to the system pressure before applying equation (2-3) to get liquid 
phase fugacity, / f .  The correction is given by
Yi =  ) T e x p j ^  ' (IP ( 2 - 1 0 )
= i rc P.
With the choice o f  the standard fugacity, f °L, at system pressure, the pressure corrected 
activity coefficient must satisfy the following condition.
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Y = vf CP —> 1.0 as A", —> 1.0 (at system P)
Since the activity coefficients correlated from equation (2-5) always satisfy the condition 
yf —>1.0 as .v, —> 1.0, the partial molar volume VL, and molar volume Vf  in equation 
(2-10) should both be obtained from the equation o f state so that v f  —> V'/' as a, —> 1.0 . 
Then the pressure correction CP —> 1.0 as x, —> 1.0, and the above condition will be 
satisfied.
The partial molar volume is very important for an accurate pressure correction. 
Calculation method by SRK-EOS is described in appendix A and the sample calculation 
result for the C 0 2/nC4 system is shown in Figure 2-1. In this figure, the calculation by 
Chueh and Prausnitz (1967) is better than that by SRK-EOS. But the method developed 
by Chueh and Prausnitz is valid only for saturated liquid. Therefore, we used SRK-EOS 
without any modification for the calculation of partial molar volumes. The calculated 
partial molar volume is not completely accurate, but the error can be compensated by 
adjustable parameters.
The pressure correction method is well defined theoretically by equation (2-10), but 
there are some difficulties in an actual calculation. The integration of the partial molar 
volume could not be done analytically, so numerical integration (Romberg’s method) was 
used. Selection of the reference pressure is the key to the success of the pressure correction. 
Generally, atmospheric pressure is selected as the reference pressure. But when the pressure 
is lower than the bubble point pressure of the mixture, the equation o f state may not give 
the liquid molar volume of the mixture. Then, the calculation of partial molar volume may 
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In order to avoid the difficulties which arise in the calculation of the partial molar 
volume, the pressure must be higher than the bubble point pressure. In subcritical VLE, 
if the mixture does not form an azeotrope, the vapor pressure of the more volatile component 
is always higher than the bubble point pressure of the mixture. Therefore, the vapor pressure 
of the more volatile component is selected as the reference pressure at which the activity 
coefficient is correlated. If this component is in the supercritical state, the extrapolated 
vapor pressure can be used. By selection o f this reference pressure, the mixture will exist 
as real liquid in the pressure range where we must calculate partial molar volume for the 
pressure correction.
Then the final pressure corrections become
Sample calculation results of pressure correction for the C 0 2/nC4 and CO2/nC,0 systems 
are shown in Figure 2-2. For C 0 2 and a heavier hydrocarbon, the correction may be much 
larger. The FORTRAN program for the sample calculation is included in appendix B.
2.2.3 Liquid Molar Volume of Pure Component
The pure component liquid molar volume, is used in the activity coefficient 
equation, the Poynting correction, and the pressure correction. The VLE experimental data 
are given for constant temperature, but for different pressures and equilibrium composi­
tions. The volume change with pressure for the less volatile component is negligible 
because it is a liquid at the system temperature and pressure. But the volume o f the more 
volatile component changes considerably with pressure because it is a gas or a supercritical 




For hydrocarbon liquids, we have available data o f saturated liquid volume for the 
temperature o f our interest, or we can calculate it by the Yamada-Gunn equation (Yamada 
and Gunn, 1973). We can use these volumes for activity coefficient equation (2-5) and the 
Poynting correction (equation (2-4)) as in the previous work. But for pressure correction 
(equation (2-12)), the volume must be calculated by EOS for the reason described in the 
previous section.
For COz, the Poynting correction and pressure correction may be very difficult. But 
if  we substitute equations (2-4), (2-1 l)an d  (2-12) into equation (2-3), the resulting equation 
for the liquid phase o f the fugacity o f C 0 2 becomes
Because the Poynting correction term in equation (2-4) is cancelled out with the same term 
in equation (2-12) as shown by equation (2-13), the m olar volume change with pressure 
does not affect the final results in actual calculation. It does not m atter whether we use 
equations (2-3), (2-4), (2-11) and (2-12), or simply (2-13) for C 0 2.
A supercritical component or the component whose vapor pressure is higher than the 
system pressure cannot exist as a pure liquid at system pressure. But the reference pressure 
for the activity coefficient is the vapor pressure or extrapolated vapor pressure o f this 
component. So the saturated liquid molar volume for subcritical temperature or the molar 
volume at extrapolated vapor pressure for supercritical tem perature may be valid. In the 
literature, values o f 55 cc/mole (Prausnitz et al., 1986) or 57 cc/m ole (Lee et al., 1973) 
have been used for the molar volume of pure liquid C 0 2. These values are good for the 
low and moderate temperature ranges. At high temperature, especially at supercritical 
conditions, these values may not be appropriate. Therefore, in the activity coefficient
(2 - 1 3 )
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equation (2-5), we put this quantity as a parameter to be determined by fitting experimental 
VLE data.
2.2.4 Other Parameters
In the regular solution theory part of the activity coefficient equation (2-5), D l2 can 
be calculated from solubility parameters and the binary interaction parameter. But the 
solubility parameters may not be accurate and are often not available for heavy components. 
Even if accurate solubility parameters are available, their variation with temperature is not 
known. Also, the binary interaction parameter, /I2, is not available. In order to solve all 
these problems w-e put D (2 as a parameter to be fitted to the experimental data.
For the calculation of vapor phase fugacities and partial molar volume in the liquid 
phase, we need the binary interaction parameter, k,2, for the equation o f state. Lin (1984) 
found the optimum binary interaction parameters for C 0 2 and hydrocarbon mixtures, for 
the PR-EOS and the SRK-EOS. The overall best k 12 values were found to be 0.125 and 
0.13 for each EOS respectively. But those values may be good only for low temperature 
and low pressure. For example, Cheng et al. (1989) showed that k12 for the C 0 2/n Q  system 
changes with temperature. The best value at 273 K is 0.115 but the best value at 459 K is
0.210. Therefore, we searched k l2 values preliminarily using COz and light hydrocarbons 
of carbon number up to 10 and correlated with reduced temperature to use for C 0 2 and 
heavy hydrocarbon pairs.
2.3 Parameter Search
Parameter search is one of the key parts o f this work, because it is very difficult to 
obtain values of the parameters which give VLE calculation results that agree well with 
the experimental data. The parameters to be searched are the hypothetical volume o f pure
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liquid C 0 2 and D 12 in the activity coefficient equation (2-5). For light hydrocarbons, k l2 
for SRK-EOS was also searched simultaneous!)' with other parameters.
In order to find the best values o f  the param eters, the objective function for the search 
plays an important role. Several kinds o f  objective functions using activity coefficients 
and equilibrium constants were tried. The best objective function was found to be
where, the subscript i represents the com ponents in the mixture, and j  represents a data 
point at the given temperature. This objective function is reasonable because
1) In any VLE calculation, we use LA'.x, =  1 and Sy./A', =  1
2) At any condition, if the param eters are good, EK[a‘x ^ p and "Ly^lK™1 are close
3) The m agnitudes o f  ( ) in this objective function are ratherconstant and it excludes 
the need o f weight factors which are difficult to determine.
By manipulation o f equations (2-1), (2-2) and (2-13), K-}a‘ can be expressed as
The experimental equilibrium data are given as isothermal P-x-y (pressure-equilibrium  
com position) points. The data sources fo rT , P, Xj and y* are shown in Table 2-1. Critical 
properties and data sources of liquid m olar volum e and vapor pressure o f  hydrocarbons 
are tabulated in Table 2-2. With these data, the properties in equation (2-15) can be 
calculated using the equations describrd ealier. The detailed procedures for param eter 
search are described in Table 2-3.
( 2 - 1 4 )
to unity.
Table 2-1 Data Sources o f Vapor-Liquid Equilibrium of C 0 2 
and Hydrocarbon Binary Mixtures
Components 























Hamam and Lu (1976)
Reamer et al. (1951)
Olds et al. (1949)
Kalra et al. (1976)
Hsu e ta l. (1985)
Pozo de Fernandez, et al. (1989) 
Besserer and Robinson (1973) 
Cheng et al. (1989)
Besserer and Robinson (1973) 
Besserer and Robinson (1975)
Li et al. (1981)
Ohgaki and Katayama (1976) 
Kalra et al. (1978)
Stewart and Nielsen (1954) 
Reamer and Sage (1963) 
Nagarajan and Robinson (1986) 
Stewart and Nielsen (1954) 
Stewart and Nielsen (1954) 
Stewart and Nielsen (1954) 
Sebastian et al. (1980)
Huie et al. (1973)
Gasem and Robinson (1985) 
Tsai et al. (1988)
Fall and Luks(1984)
Tsai and Yau (1990)
Tsai et al. (1988)
Gasem and Robinson (1985) 
Tsai and Yau (1990)
Fall and Luks (1984)
Tsai et al. (1987)
Gasem and Robinson (1985) 
Gasem and Robinson (1985) 
Gupta et al. (1982)
Ohgaki and Katayama (1976) 
Nagarajan and Robinson (1987) 
Ng and Robinson (1978)
Barrick et al. (1987)
Barrick et al. (1987)
Shibata and Sandler (1989) 
Krichevski and Sorina (1960)
Table 2-2 Therm odynam ic Properties o f  C 0 2 and H ydrocarbons 
for Phase Equilibria Calculation
component Tc Pc to
(K) (M Pa)
c o 2 304.21 7.3825 .2250
c , 190.6 4.599 .0113c , 305.3 4.871 .1004
Q, 369.8 4.247 .1542
nC4 425.2 3.796 .2004
nC5 469.8 3.376 .251 1
nC6 507.9 2.988 .2978
nC7 540.1 2.735 .3499
nCK 568.8 2.498 .3995
nC |0 617.6 2.097 .4885
nC I2 658.3 1.806 .5708
nC |4 693.0 1.573 .6442
nC |6 720.6 1.376 .7311
nC20 766.6 1.069 .8941
nC22 785.0 .994 .9654
nC28 827.4 .661 1.1772
nC32 847.9 .529 1.3128
nQt6 864.0 .428 1.4600
nC44 886.6 .290 1.7491
iC4 408.1 3.648 . 1836
iC5 460.4 3.381 .2278
Benzene 562.2 4.898 .2092
Toluene 594.0 4.236 .2607
Naphthalene 748.4 5.052 .3020
Phenanthrene 882.6 3.171 .3299
Cyclohexane 553.6 4.075 .2095
1) Critical properties and Acccntric factors (to)
C 0 2  : from IUPAC
C, - nC,„ : from Gasem and Robinson (1990)
Naphthalene : from Reid et al. (1977)
Phcnanthrcnc : from Barrick ct al. (1987)
iC4, iC5, Benzene, Toluene, and Cyclohcxanc : Smith and Srivastava (1986)
2 ) Vapor pressure
Cm - C4 4 , Naphthalene, and Phcnanthrcnc : data not used
Other components : from PROPY (Chemical Engineering Department data base)
3) Liquid Molar Volume
C, - nCK : from Smith and Srivastava (1986)
nCin - nC^ : reference temperature and volume from Drcisbaeh
(1955 and 1959)
for other temperatures, by Yamada-Gunn equation 
(Yamada and Gunn, 1973)
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Table 2-3 Calculation Procedure for Parameter Search
4. Calculate ^
5. Calculate
1. C alcu late /3;' by eq. (2-7) for supercritical COz
by PROPY for subcritical C 0 2 - see (a) 
by PROPY for hydrocarbon - see (a) 
for HHC - see (c)
2. Calculate <j£ by EOS
3. Assume the parameters, Vco2 ,D u ,k u  - see (b) 
by EOS
for HHC - see (c) 
by eq. (2-4)
\'co2 • assumed value
Vfic : literature data or Yamada-Gunn equation - see (d) 
for HHC - see (c)
by e q . (2-5)
by e q . (2-12)
integration by Rom berg’s Method 
V, : by EOS
Vj}c : by EOS
V(L;o2 • assumed value
8. Calculate K-al by eq. (2-15)
for HHC - see (c)
9. Repeat step 4 - 8  for all isothermal Data points
10. Calculate SSQ by eq. (2-14)
for C 0 2/H H C  - see (e)
11. Repeat step 3 - 1 0  until m inim um  SSQ is found (exhaustive search)
rl6. Calculate y
7. Calculate CP
(a) PROPY : Chemical Engineering Department data base.
(b) For COj/HHC, the values o f  k l2 correlation for CO 2/LHC were used.
(c) When the vapor pressure data arc not available, the calculation is impossible 
and may be omitted because Kuuc = 0
(d) from Yamada and Gunn (1973)
(e) Put SSQ = K / f f / ' j c . ' f - l ) 1
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2.4 Results and Analysis
Preliminary search results for the k12 values for C 0 2-light hydrocarbon pairs are 
shown in Figure 2-3, and they are correlated with reduced temperature by the following 
equations.
k l2 = 0.12585 - - ffj44? + 0.092667^ + 0.130577;® (7^ < 0 .8) (2 - 1 6 )
2 2  2
k l2 = 4.96264 -  L 2*462 + 6.30991 Tr + 2.786667'r2 (Tr > 0.8) (2 - 1 7 )
T,2 2 2 2
The searched values are quite scattered, especially in the low temperature range. A small 
change o f D ,2 or VC02 makes the kt2 value change greatly without much improvement in 
the final results. In other words, the activity coefficient method is not so sensitive to k12 
values, especially in the low temperature range. The other two parameters were searched 
again using these correlations.
The searched values o f COz volume and D 12 also are scattered and are difficult to 
correlate. Regular solution theory tells us that the parameter, D ,2, is closely related to liquid 
molar volumes of the components o f the mixture. A possible reason for the scattered values 
of one parameter is because o f the scattered values of the other parameter. In order to avoid 
this problem, we have used a combined parameter which includes D 12, VC02 and temper­
ature. The trend is shown in Figure 2-4. After correlation of these combined values, the 
parameters were searched again and the resulting D I2 were correlated. The results are 
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2 98.59-  = 6602 -  -  92897. + 42957:
T  2 2
'  r .
(2 -1 8 )
87.9187^ + 13.8897* \{Tr TrJ (2 -1 9 )
A few of the VLE results by bubble point calculation using the correlated values of 
the parameters are compared with those of Robinson and Chao (1971) in Figures 2-6 to 
2-12, in which two parameters are used. The calculation results using the Robinson and 
Chao method are good at low temperature but as the temperature increases they deviate 
considerably at high pressure. The results of this work show satisfactory agreement up to 
high pressure except in the critical region. At low temperature, the partial molar volume 
does not change much with pressure, and the bubble point pressure range is less than at 
high temperature. But at high temperature, the partial molar volume changes greatly with 
pressure and the pressure range is larger than at low temperature. So the pressure correction 
is essential at high temperature and high pressure.
Despite these encouraging results, there are still some problems. The hypothetical 
liquid molar volume of C 0 2 is excessively scattered, and shows different value for different 
binary pairs even at the same temperature. Possible reasons for these scattered values of 
the parameter VCC2 are:
(1) Both the Flory-Huggins equation and the regular solution theory are developed 
with the assumption that excess volume, Vh, equals zero, and in the calculation o f the 
volume fraction, pure molar volumes are used. This assumption may be valid, or Vh may 
deviate slightly from zero in a liquid-liquid solution or a solid-liquid solution. But in VLE, 
this assumption cannot be valid because the more volatile component cannot exist as a 
pure liquid. An adjustment o f the parameters may compensate the error due to this 
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Figure 2-9 Pressure-Equilibrium Composition o f COz/nC32 System
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For a large volume expansion, adjustment o f the parameters cannot cover the error for the 
whole pressure range.
(2) In our calculation, VC02 is used only in the activity coefficient equation at constant 
pressure (eq. 2-5), but Vj,c is used in calculation o f the activity coefficient, the Poynting 
correction and the pressure correction. For the pressure correction, we used the liquid 
volume of hydrocarbon from EOS. But for the other two, we used molarvolum e of saturated 
liquid or at atmospheric pressure when the saturated liquid volume was not available. The 
volume for the Poynting correction must be an average volume while the volume for the 
activity coefficient must be a volume at the system temperature and reference pressure. 
The reference pressure o f the activity coefficient equation, which is the vapor pressure or 
the extrapolated vapor pressure of C 0 2, is considerably higher than the pressure at which 
the VMC data was taken. For the Poynting correction also, the volume change with pressure 
was neglected in our calculation. The effect o f pressure on the volume o f hydrocarbon 
liquid is expected to be rather small at low temperature, but when the temperature is high, 
it may not be negligible.
(3) The equation o f state may be inaccurate. The values calculated by EOS, which 
are fugacity coefficients o f pure component and vapor mixture, and the pressure correction 
o f the activity coefficient, may deviate from real values and also may deviate differently 
for different components and different binary pairs. For supercritical conditions, the 
volume change with pressure is large, and accordingly, inaccuracy o f the EOS may lead 
to large deviations o f calculated properties. Also, in the calculations, the same values of 
k ]2 are used at the same reduced temperature of the hydrocarbons, which is not accurate. 
Especially in the high temperature and high pressure region, the dependency of the VLE 
calculation results on the k 12 value is not negligible.
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(4) There may be experimental errors. When the data for the same conditions and 
the same binary pairs from different sources were compared, they were different in some 
cases, and searched values of Vco2 using different data sources were considerably different. 
Experimental error is expected especially at low mole fractions or when the pressure is • 
close to the critical pressure of the mixture. In those cases, the property changes are also 
large with conditions. So the influence of experimental errors on the searched parameters 
may be even larger.
Considering all these possible errors, we cannot expect a very good trend in molar 
volumes of liquid C 0 2.
2.5 Discussion
In our study, it was shown that the simple extrapolation of the vapor pressure gave 
a reasonable method for obtaining the fugacity coefficient and vapor pressure o f the 
supercritical fluid. And also, the extrapolated vapor pressure gave a very good reference 
pressure for the pressure correction o f the activity coefficient, which was impossible 
otherwise. The results were better than those by other activity coefficient methods.
The extrapolated vapor pressure o f the supercritical fluid is based on the fact that the 
extrapolation of the bubble point pressure of the liquid mixture coincides with the 
extrapolated vapor pressure of the pure supercritical fluid. Equation (2-7) is expected to 
be valid only near the critical temperature of C 0 2. For higher temperatures, the validity of 
the extrapolated vapor pressure is very doubtful.
To reduce the number of parameters, we tried to use the COz volume (55 cmVmol) 
recommended by Prausnitz et al. (1986). For CO 2 /LHC mixture, when the reduced tem­
perature for hydrocarbon is low, the results were good, but 55  c m 3/m o le  generally seems 
to be too small, especially for high temperature and pressure. For similar binary pairs,
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choice o f an appropriate value for C 0 2 volume not only reduces the num ber o f parameters 
but also may give better trends for other parameters.
The values o f the parameters f o rC 0 2/arom atics and C 0 2/cyclohexane mixtures seem 
to deviate considerably from those o f C 0 2/paraffin mixtures. It may be better to do a 
separate correlation for these materials. However, as we have shown in Figure 2-10, the 
results were as good as those by other activity coefficient methods.
At high pressure, close to the critical point o r the LLE region, the results show 
considerable deviations. Around these points, the SRK-EOS usually gives large errors and 
the vapor phase fugacities and pressure correction o f liquid fugacities are not reliable. In 
order to overcom e these problems, better equations for vapor pressure extrapolation and 
better EOS may be needed. Further developm ent of this method may give a method for 
calculation o f the solid-supercritical fluid phase equilibrium.
CHAPTER 3
PHASE EQUILIBRIA OF SUPERCRITICAL C 0 2 AND HYDROCARBON
SOLIDS
3.1 Literature Review
Supercritical fluid technologies have been reviewed in the recent papers of Brennecke 
and Eckert (1989) and Johnston et al. (1989). Although considerable work has been done 
to study the solubility of solids in supercritical fluids, the predictions are not so successful 
as for other phase equilibria. In the present situation, the goal of most modelling efforts is 
not to make a predictive model, but to correlate existing data and to predict phase behavior 
using the correlation in regions where experimental data are not available.
Although there are several authors (Mackay and Paulaitis, 1979; Eckert et al., 1986; 
Zigerand Eckert, 1983; Vetere, 1979; Pang and McLaughlin, 1985; Kramer and Thodos, 
1988) who use the activity coefficient approach for correlation of experimental data, the 
equation of state (EOS) method is used much more often. In the activity coefficient 
equations available, no pressure correction terms are included. For the pressure correction, 
the EOS can be used for the calculation of partial molar volume as described in chapter 2. 
But there is no simple EOS which can give accurate partial molar volumes and liquid molar 
volumes below the triple point o f  the solute, which are needed in the activity coefficient 
equation. However, Mackay and Paulaitis (1979) derived a successful correlation by this 
method using the critical pressure o f the supercritical solvent as the reference pressure for 
the activity coefficient.
In the EOS method, there are difficulties because we need the sublimation pressure 
of the pure solute, which is often not available. The supercritical fluid solutions are highly 
asymmetric in that there are huge differences in size and energy among the components.
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The properties o f such a mixture cannot be predicted accurately by an EOS. Moreover, 
the EOS must be applied at temperatures below the triple point of the solute. Thus the EOS 
method has as many problems as the activity coefficient method.
Nevertheless, classical cubic EOS were successfully used for correlations o f • 
supercritical fluid mixtures involving aromatic solids and materials having low accentric 
factors. Kurnik et al. (1981) and Kosal and Holder (1987) successfully correlated exper­
imental solubility data of aromatic hydrocarbons in supercritical fluids using the Peng- 
Robinson equation o f state (PR-EOS). Johnston and Eckert (1981) suggested fitting the 
interaction constant of the mixture (a,2) in the Carnahan Starling-Van der W aals EOS to 
the experimental data. This idea enables us to use the EOS method for heavy materials 
whose critical constants are not available. This can be done using cubic EOS, and Schmitt 
and Reid (1986) regressed the experimental solubility data to find the best EOS constants 
a and b of solid materials using the PR-EOS. W ong et al. (1985) suggested a method o f 
calculating a12 using solute and solvent m olar volumes and solute atomic number. Mart et 
al. (1986) successfully correlated the solubility o f  naphthalene o r anthracene in ethane, 
ethylene or carbon dioxide, using the Perturbed-Hard-Chain equation o f state. The mean 
field theory was applied by Jonah, et al. (1983) and Economou and Donohue (1990). The 
lattice model (Van der Hagen et al., 1988; Kumar et al., 1987) and the decorated lattice 
model (Gilbert and Eckert, 1986; Nielson and Levelt-Sengers, 1987) were also developed. 
The model o f Kumar and coworkers is very useful at high pressure, because only one 
adjustable parameter is required. Despite these many different models using the EOS 
method, most of the correlation is done by adjustment o f the EOS constants.
In this chapter, correlation methods o f  experimental SFE data were studied for an 
example binary mixture of COa/nC28 because the properties o f a long chain molecule such 
as nC2g may be different from the aromatics studied by others. Also SFE data by McHugh
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et al. (1984) are available. The estimation o f sublimation pressure, and the correlation by 
the SRK-EOS and the modified PR-EOS (Rogalski, et al., 1991) will be shown. Also, the
experimental data.
3.2 Theory
In both the EOS and the activity coefficient method, the basic equations for the 
calculation o f the phase equilibria including solid materials are as follows:
In the calculation of the fugacity for the fluid phase, the fugacity coefficient is used 
as a correction for ideal gas fugacity in the EOS method, and the activity coefficient is 
used as a correction for ideal solution behavior in the activity coefficient method. These 
methods will be described in the following sections.
3.2.1 EOS Method
SFE calculation using the equation of state is based on the concept that the super­
critical fluid mixture is regarded as a compressed gas. Then the fugacity o f the solute in 
the fluid phase is
activity coefficient method described in the VLE calculation will be applied for the same
( 3 - 1 )
( 3 - 2 )
( 3 - 3 )
Substituting equations (3-2) an (3-3) into (3-1), the solubility becomes
where the fugacity coefficient of the solid at its sublimation pressure, can be assumed 
to be unity because the sublimation pressure, P™, is usually very low. Also the solid molar 
volume, V'2  , may be regarded as constant. The fugacity coefficient in the fluid phase, <j>2 , 
can be calculated by EOS. From these equations, it can be seen that an accurate sublimation 
pressure and fugacity coefficient are most important for accurate solubility.
3.2.2 Activity Coefficient Method
The activity coefficient method is based on the concept that the supercritical fluid 
mixture can be regarded as an expanded liquid. Then the fugacity of the solute in the fluid 
phase is
f i  = ( 3 - 5 )
Substituting equations (3-2) and (3-5) into (3-1), the solubility becomes
J f
Y z * 2  ”  X 2 ,id e a l ~  ( 3  —  6 )
J2
The ratio of fugacity o f solid to that o f subcooled liquid at saturation pressures is given 
by Prausnitz et al. (1986). Neglecting the heat capacity terms, and adding the term for heat 
of transition in the solid phase and the term for the Poynting correction of both solid and 
liquid, the ideal solubility equation is given by
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Thus, the equations are exactly the sam e as for a SLE calculation. The correlation 
equations for activity coefficient and the pressure correction for the activity coefficient to 
be applied in this chapter are the same as equations (2-5), (2-11) and (2-12) in the previous 
chapter.
3.3 C o rre la tio n  using the  EOS
In the SFE calculation by the EOS m ethod, sublimation pressure is involved. In the 
EOS based on the corresponding states theory, which are used most often for practical 
calculations, the critical point data are needed to determ ine the EOS constants. But for 
heavy materials, the sublimation pressure and/or the critical point data are often not 
available. Even when the critical point data are available, the EOS perform ance for these 
heavy materials may not be good. In the following sections, an estim ation m ethod for 
sublimation pressure, correlation method by the SRK-EOS and by the modified PR-EOS 
will be described for an exam ple mixture o f C 0 2 and nC2K.
3.3.1 Sublimation Pressure and Molar Volume of Solute
Sublim ation pressures o f heavy normal alkanes are not available in the literature. 
Available data are vapor pressure o f  liquid at tem peratures considerably higher than the 
m elting points. But triple point vapor pressures o f  normal alkanes up to nC27 are given by 
M organ and Kobayashi (1991).
logi» Pm, = -4 .2 2 9 9  -  0 .18928/t (3 -  8)
For heavier normal alkanes, we can extrapolate this equation and estim ate triple point 
vapor pressures. If we have the heat o f vaporization at the triple point, or vapor pressure 
at some other tem peratures, we can determ ine the constants o f the Clausius-Clapeyron
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equation. For nC2R, there are experimental vapor pressure data in Chirico et al. (1989) for 
the temperature range o f 453 to 575 K. Regression of these vapor pressures, including the 
triple point vapor pressure, using the Antoine equation and the Clausius-Clapeyron vapor 
pressure equation gives the following results.
7806.30 
(T — 99.6546)
In P; = 1 0 .8 9 3 7 -7 ^ — ^-7 7 7 7 7  ( 3 - 9 )
In« . 2 M 1 , _ 1 5 M r 0 3
When the temperature is not far from the triple point, either of these equations, (3-9) 
or (3-10), can be used. In our calculation, equation (3-9) was extrapolated below the triple 
point pressure to get the vapor pressure o f the subcooled liquid. Then, the sublimation 
pressure can be calculated approximately using this subcooled liquid vapor pressure and 
the following equation. Application o f the Clausius-Clapeyron equation to both subcooled 
liquid and solid gives the same form of simplified ideal solubility equation given by 
Prausnitz et al. (1986). As the sublimation pressure o f pure solid and the vapor pressure 
of pure subcooled liquid are very low, from the the ideal solubility equation, the vapor 
pressure ratio may be written as
P? f ?  AH, 
In-— = In—r =
v ”  f Tm /  A H /
f i L PT* RT, H  ( 3 - u >
where, P ss and P* are the sublimation pressure o f solid and the vapor pressure o f the 
subcooled liquid respectively.
M olar volumes of nC28 above triple point are given by Templin (1956) and those of
subcooled liquid are given by Dreisbach (1959). For the narrow temperature range o f our 
interest, the following linear relation is satisfactory.
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Vj = 0.422037' + 365.588 (3 -  12)
If the liquid molar volume data are not available for the temperature o f interest, they may 
be extrapolated linearly from the data at higher temperatures. The deviation is small because 
the molar volume o f the subcooled liquid changes slightly, and almost linearly with 
temperature.
The solid molar volume of nC2)t can be calculated using the data o f volume contraction 
at the melting point and transition point by Schaerer et al. (1955) or using reasonable 
extrapolation of available data. We extrapolated the data given by Templin (1956) to get
V* = 0.118287* + 381.623 (3 - 1 3 )
3.3.2 C orre la tion  using the  SR K -EO S
For the subcooled liquid region o f heavy materials, cubic equations o f state do not 
give accurate vapor pressure and liquid molar volume. This is the reason why researchers 
adjust the EOS parameters to correlate experimental data o f solid-fluid equilibria. For 
aromatic solids and supercritical mixtures, PR-EOS gives satisfactory results by adjusting 
the binary interaction parameter, k,2. In our preliminary study, both the PR-EOS and the 
SRK-EOS were applied for the COz/phenanthrene and the C 0 2/r\C2S mixtures, using the 
conventional calculation method with adjustment o f k J2 only. Kosal and Holder (1987) 
showed the performance o f the PR-EOS for CO^phenanthrene mixtures. The SRK-EOS 
was applied for this C 0 2/phenanthrene mixture using the sublimation pressure data in the 
same reference (Kosal and Holder, 1987). The results were satisfactory and almost the 
same as those of PR-EOS shown in Kosal and Holder (1987). Only the adjusted k,2 values 
were slightly different. But for the C 0 2/nC 28 mixture, these equations o f state gave results 
far from the experimental data, even with best adjustment o f k 12, whether we used vapor
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pressure by equation (3-9) or by the EOS used in the correlation. The sublimation pressure 
was calculated by equation (3-11). These results are shown in Figure 3-1. With the best 
adjustment of k12 values, the error was about 75 %.
When most of the EOS were developed, the parameters were determined from vapor 
pressure and liquid molar volume data, or PVT data, for the temperature region higher 
than the triple point. The deviations are greatest near the triple point and the critical point. 
Hence, the deviation in the subcooled liquid region is likely to be greater. Most of the 
equations o f state developed so far exhibit these kinds of difficulties. Especially the liquid 
molar volumes of long chain molecules predicted by the cubic EOS deviate much from 
experimental values. To solve these problems, an equation of state is needed which gives 
good performance both near the critical point and in the subcooled liquid region.
Table 3-1 Thermodynamic Properties Used in Calculation
Property Unit C 0 2 nC2Jt Remark
Tc (K) 304.21 a 827.4 c
Pc (MPa) 7.3825 a 0.661 c
CO 0.225 a 1.1772 c accentric factor
T„ (K) 184.45 b 704.75 d
Tm (K) 334.35 c
AHn (J/mol) 64643 c
Vs (cc/mol) 455.08 e (T,<T<TJ
T, (K) 331.15 c
AH, (J/mol) 35438 c
Vs (cc/mol) eq.(3-10) (T<T,)
V L (cc/mol) eq.(3-9)
a: IUPAC (1976).
b : Carrier cl al. (1988).
c :  Gascm and Robinson (1990).
d : Drcisbach (1959)
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Figure 3-1 Solubility o f nC28 in Supercritical C 0 2 at 325.15 K 
(Calculation by Original SRK-EOS)
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For the moment we concentrate on correlations using the existing EOS. Haselow et 
al. (1986) showed that the SRK-EOS produced the best overall results in supercritical 
extraction. Much more complicated EOS such as those based on perturbed hard chain 
theory (PHCT-EOS) were proved to give almost the same results (Ellison, 1986: Hess, 
1987). And also, Dohrn and Prausnitz (1990) showed that critical isotherms by SRK-EOS 
and PR-EOS are better than by other simple EOS. Our purpose in this chapter is to find a 
method o f correlation with or without data such as the sublimation pressure or critical 
point data. So, we have used the simple SRK-EOS with different correlation methods 
depending on the available properties. In all the methods, available liquid molar volume 
data were used. The properties used in the correlations are given in Table 3-1.
Method 1 (Without Both Vapor Pressure and Critical Point Data)
When critical point data are not available, the SRK-EOS based on the corresponding 
states theory cannot be applied directly because the EOS constants can not be determined. 
Furthermore, when vapor pressure of the subcooled liquid is not available, the sublimation 
pressure cannot be calculated. In this case, there is no other way to correlate than to search 
the EOS constants using the experimental solubility data.
Given the EOS constants, we can calculate the vapor pressure o f subcooled liquid 
by EOS, and calculate the sublimation pressure using the calculated vapor pressure and 
equation (3-11). This in turn permits calculation o f the solubility from equation (3-4). The 
equation of state constants are chosen to minimize the difference between the calculated 
and experimental solubilities. In this case, it is best to include the binary interaction 
parameter, kl2, so that the searched EOS constants can give better pure component prop­
erties. To reduce the number o f parameters to be searched, and also to get better EOS 
constants for the pure component properties, the liquid molar volume data can be used to 
determine one of the EOS constants.
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We used SRK-EOS constants proposed by Soave (1972) for C 0 2, and searched the 
binary interaction parameter, k12, and EOS constants, a2 and b2, for nC28 using C 0 2/nC 28 
SFE data and liquid molar volume data. At a given temperature the search was done in the 
following way. At an assumed value of a2. we found b2 which gave the same molar volume 
of the saturated liquid by pure component vapor pressure calculation as that from equation 
(3-12). During this calculation, vapor pressure, Pi,  was obtained. With the calculated vapor 
pressure, sublimation pressure, P ” , was calculated by equation (3-11). Assuming a k,2 
value, the fugacity coefficient of nC28 in the supercritical fluid phase could be calculated. 
Finally, the solubility o f nC28 was calculated by equation (3-4). This procedure was repeated 
with other values o f a2 and k12 until the sum of percent errors of all the isothermal solubility 
data was minimum.













307.85 51302308 471.601 0.0971 4.78 0.238E-10 0.280E-11
318.55 49410372 473.921 0.1078 7.01 0.777E-10 0 .175E-10
323.35 50602915 475.964 0.1011 5.20 0.121E-09 0.376E-10
325.15 50809153 476.608 0.1003 5.58 0.146E-09 0.497E-10













307.85 49550050 470.776 5.68 0.450E-10 0.280E-11
318.55 51078631 474.752 7.51 0.644E-10 0.175E-10
323.35 50309386 475.816 5.31 0.155E-09 0.376E-10
325.15 50252785 476.326 5.62 0.190E-09 0.497E-10
Original SRK-EOS constants b2 = 901.704, a2 = 100795242 (307.85 K)
96910599 (325.15 K)
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Marks : McHugh et al. (1984)  
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Figure 3-2 Solubility of nC28 in Supercritical C 0 2 (SRK-EOS Con­
stants and k12, Searched by Experimental Solubility Data 
and Liquid Molar Volume Data; Vapor Pressure, by EOS)
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The resulting parameters, a2, b2, and k l2 o f SRK-EOS, vapor pressure by the searched 
EOS constants, and the errors in solubility are shown in Table 3-2. The overall absolute 
average deviation (AAD) is about 6.0 % when a single value of k,2 for all temperatures 
was determined. Separate search o f the k ,2 value for each temperature improves the 
solubility results a little with overall AAD of 5.7 %, and improves the agreement of the 
vapor pressure. The results of the SFE calculation with these parameters are shown in 
Figure 3-2. Thus, without sublimation pressure, vapor pressure, and critical point data, we 
can correlate the experimental data successfully.
• Although we included the parameter k12 and used the pure component property, VL, 
the resulting vapor pressures calculated by EOS are quite different from those by equation 
(3-9), which are reasonably estimated values. Nevertheless, the overall results are good 
and the values o f b2 and k12 are reasonable. The b2 value is closely related to, and must be 
less than, the liquid molar volume. The searched values o f b2 range from 471 to 477 cc/mole, 
which are much more meaningful than the b2 value by original SRK-EOS (902 cc/mole), 
which is much larger than the liquid molar volume. The k12 value is also close to those 
found in the VLE calculation for COz and hydrocarbon mixtures. These are the advantages 
o f using the liquid molar volume for determination of the EOS constants, in addition to 
fitting fewer parameters to the solubility data. For other temperatures, b2 value can be 
determined by interpolation, a fixed single value o f k12 may be used, and a2 value can be 
determined by liquid molar volume data.
Method 2 (Without Vapor Pressure Data, but Critical Point Data Available)
If the critical point data are available, we can use the original EOS constants to 
determine new constants that do a better job  of predicting liquid molar volume. The 
SRK-EOS, as other cubic EOS based on corresponding states theory, deviates greatly in
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liquid molar volume but not so much in the vapor pressure for long chain molecules. At 
least, the slope of the vapor pressure vs. temperature curve is reasonable. However, the 
liquid molar volume predicted by the SRK-EOS for nC28 deviates by 80 9c at 298 K. When 
the EOS does not give good liquid molar volume of the pure solute, the fugacity coefficient 
of the mixture calculated by the EOS deviates much. Therefore, we need to adjust the EOS 
constants so that the liquid molar volume by EOS is correct. Then the only other adjustable 
parameter is the binary interaction parameter, k,2.
The new EOS constants can be calculated by simple arithmetic manipulation 
assuming that liquid molar volume from the EOS is proportional to band equating pressures 
for the new and original constants. The resulting equations for the new constants of the 
SRK-EOS are as follows:
Here, Vs is the subcooled liquid molar volume of pure solute from the literature and VQ 
is the liquid molar volume from the original EOS at system temperature and the pressure 
at which VN is taken. Subscripts N and O for EOS constants a and b mean new and original 
constants respectively. The vapor pressure and the sublimation pressure are calculated as 
in the previous section, using the EOS with both the original constants and the new 
constants. The solubility is then calculated by equation (3-4). The parameter, k,2, can be 
adjusted to give a better fit of the solubility data.
The EOS constants and the parameter, k )2, determined in this way are shown in Table 
3-3. The results of the SFE calculation using this method are shown in Figure 3-3. The
(3 -1 4 )
(3 -1 5 )
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overall deviations are about 9.2 % and 12.5 % for separate and single values o f k12 
respectively when the vapor pressure was calculated by the original EOS constants, and 
6.7 % and 12.4 % when the vapor pressure was calculated by the new EOS constants. For 
separate values of k,2, it is certain that the results are better when the vapor pressure was 
calculated by the new EOS constants. But for single values of k12, this method was bad 
for low temperature. Also, the deviation in the vapor pressure was higher. Further eval­
uation may be needed to determine which is better.
Table 3-3 Correlation Results for SFE o f C 0 2/nC28 System by Method 2 











307.85 52839435 472.301 0.0810 7.94 15.05 0.427E-11
318.55 51881405 475.156 0.0859 11.35 16.25 0.232E-10
323.35 51455656 476.410 0.0839 7.97 9.00 0.475E-10
325.15 51296636 476.875 0.0828 9.32 9.41 0.618E-10










A A D (%)
Pv (MPa) 
by EOS
307.85 52839435 472.301 0.0936 6.08 21.14 0.795E-11
318.55 51881405 475.156 0.1000 8.73 13.42 0.430E-10
323.35 51455656 476.410 0.0983 6.03 7.05 0.879E-10
325.15 51296636 476.875 0.0983 6.02 7.95 0.114E-09
The overall deviations are a little greater than method 1, but considering the simplicity 
o f the parameter determination, and the possibility o f experimental error, the agreement 
is satisfactory. For comparison, we used the vapor pressure by equation (3-9) and searched 
k 12 values for each temperature. The overall deviation was about 10.6 % for separate values
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Figure 3-3 Solubility o f nC2g in Supercritical COz (SRK-EOS Constants, 
Adjusted by Liquid M olar Volume Data; Vapor Pressure, by 
Original EOS; k12, Adjusted by Solubility Data)
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of k I2, which was slightly larger. This m eans that as long as the vapor pressure has a good 
trend, and is approxim ately right, its accuracy is not a great problem in the correlation o f 
SFE data. Inaccuracies in the vapor pressure can be com pensated by adjusting the 
interaction parameter, k I2. In Table 3-3, the vapor pressure by EOS deviates a little m ore 
at 307.85 K, and the temperature is close to the critical temperature o f  C 0 2. This m ay be 
the reason why the kI2 value at this tem perature deviates from the trend o f the other 
temperatures.
This method seems to be som ewhat unreasonable when we use different EOS con­
stants in calculation of vapor pressure and the fugacity coefficient in the mixture. But the 
original constants are used only for vapor pressure calculation, otherwise we must use 
literature data which are often unavailable. The sim plicity o f  the determ ination o f  the EOS 
constants, avoiding tedious regression o f  the SFE data, seems to be an im portant advantage 
from a practical standpoint. The values o f k 12 are sim ilar to those found in the VLE cal­
culation o f C 0 2 and hydrocarbon m ixtures, Therefore, this technique may be the best 
predictive method, if  the critical point properties are available.
Method 3 (Without Critical Point Data, but Vapor Pressure Available!
Johnston and Eckert (1981) and several other authors developed and applied a cor­
relation technique for the case that critical point data are not available. They did not use 
the available pure com ponent properties, such as the vapor pressure, but just m inim ized 
the num ber o f  EOS constants to be fitted to the experim ental data by some reasonable 
assumptions.
W hen vapor pressure and liquid m olar volum e data are available, we can use these 
data in determ ining the EOS constants. The constants, a2 and b2, can be searched so that
becomes minimimum. Here, the P rxatand V™1 are the vapor pressure and the saturated liquid 
molar volume from the EOS, and the />Tcxp and V'"p are those from the literature. The 
sublimation pressure can be calculated by equation (3-11). This method is also convenient 
because we can use only the pure com ponent properties for determination o f EOS constants. 
The only parameter to be adjusted to the experimental data is k I2. Successful correlation 
by this method depends on the EOS type and accuracy o f the vapor pressure and liquid 
molar volume data.











307.85 54812081 473.097 0.0889 9.31 0.0919 20.99
318.55 53660250 475.939 0.0943 12.89 0.0919 16.73
323.35 53167070 477.191 0.0927 8.90 0.0919 10.34
325.15 52985989 477.661 0.0918 10.89 0.0919 10.90
The EOS constants fitted to the vapor pressure by equation (3-9) and liquid molar 
volume by equation (3-12), and k 12 fitted to the experimental solubility data are shown in 
Table 3-4. The overall deviation o f solubility is about 10.5 %. The calculation results using 
these parameters are similar to those by method 2, which were shown in Figure 3-3. The 
method seems satisfactory considering the uncertainty o f the experimental data at the 
extreme conditions.
3.3.3 Correlation using the Modified PR-EOS
Rogalski, et al. (1990) modified the PR-EOS for petroleum gases and liquids as 
follows:
n 'T'
P = - -----— ---------— — with 7 = 4.82843 ( 4 -  13)( v - b )  v ( v + y b)
Although the EOS constants must be calculated by several different methods for different 
groups o f materials and for different ranges of temperature, they are generalized and give 
good vapor pressures and liquid molar volumes even for heavy components. For C 0 2 and 
nC28, the constants suggested are:
For COz, T > T C
R ZTf (arJ a c)]a-  1
with a =0.45724— — and m , = --------------- —
Pr '  \ - { T h/Tc)U2
R T r
b = 0.04572-
For nC2H, T < Th
a = a Tb( 1 +  m ,(l - ( T / T b)V2) - m 2(\ -T /T„))  
m, =  — 1.98255 + 7.15530«i m 2 =  m x/2 — m
where, b (310.025) and m (1.24218) for nC28 were calculated by the group contribution 
method described by Carrier et al. (1988), and aTb for both C 0 2 ans nC28 were evaluated 
at normal boiling point conditions as suggested.
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These authors did not show the performance of the EOS for mixtures. But good 
performance for pure component properties may lead to good prediction o f mixture 
properties. For the SFE calculation, we adopted the Van der Waals mixing rules, because 
the EOS is similar to PR-EOS. The SFE calculation correlation was done by the same 
method as in the preceding sections, obtaining the vapor pressure from the EOS and the 
sublimation pressure from equation (3-11). The parameter, k12, was fitted to the exper­
imental solubility data. Results for C 0 2/nC28 are as in Figure 3-4. We also used vapor 
pressure data from equation (3-9). The deviations in both cases are shown in Table 3-5. 
The overall deviations were 5.9 % and 7.3 % respectively. They are almost as low as that 
of method 1 in which we fitted all three parameters a2, b2 and k12 to the solubility and liquid 
molar volume data. This EOS seems to be good especially in the low pressure range.
Table 3-5 Correlation Results for SFE of C 0 2/nC2K System by Modified PR-EOS
T Pv by EOS Pv by eq.(3-9)
(K) Pv (MPa) kJ2 AAD (%) Pv (MPa) k |2 AAD (%)
307.85 0.183E-10 0.1079 2.47 0.280E-11 0.0737 11.43
318.55 0.886E-10 0.1216 4.84 0 .175E-10 0.0882 8.10
323.35 0.173E-09 0.1248 7.54 0.376E-10 0.0912 4.43
325.15 0.220E-09 0.1255 8.52 0.497E-10 0.0926 5.01
When the vapor pressure by EOS is used, the error increases as the temperature 
increases, but when vapor pressure by equation (3-9) is used, the trend is opposite. This 
opposite trend of errors may be due to the characteristics o f the EOS. Considerable 
differences in k12 values between the two cases may be due to the differences in the vapor 
pressures. The variation of k12 values with temperature is larger than in the correlation by
59






□ 3 0 7 .8 5  K O  3 2 3 .3 5  K
□ 3 1 8 .5 5  K o  3 2 5 .1 5  K 
Marks : McHugh et al. (1 9 8 4 )  
L in e s : Calculated
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Figure 3-4 Solubility o f nC2g in Supercritical C 0 2 (Calculated by M odi­
fied Peng-Robinson EOS; k 12, Adjusted by Solubility Data)
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SRK-EOS. So use o f a single k12 value may increase the deviation greatly. However, the 
variation o f k I2 has a better trend, and the correlation of this parameter for application to 
other temperatures may be easier.
3.4 Correlation using the Activity Coefficient
In the previous chapter, the activity coefficient method was used successfully for 
correlation of the VLE data for C 0 2 and hydrocarbon mixtures. The same method can be 
applied to the SFE calculation, regarding a supercritical fluid mixture as an expanded 
liquid. The difference is that the fugacity o f hypothetical liquid C 0 2 is not included in the 
calculation. The extrapolated vapor pressure o f C 0 2 can be used as a reference pressure 
for the activity coefficient for its pressure correction.
We used the correlations o f the parameters found in the VLE study, but the result 
was far from the experimental data. In VLE calculation, the errors in properties o f a 
component created from model equations or in the parameter values are always com ­
pensated by errors in the properties o f the other component. In the SFE calculation, as the 
activity coefficient o f the more volatile component is not included, the errors in the activity 
coefficient cannot be compensated. This is the reason why the correlated parameters in 
the VLE study cannot be applied successfully to SFE calculation. We need to find new 
values of the parameters to apply to the SFE calculation.
In section 3.3.2, we showed that the EOS method by the original SRK-EOS could 
not be applied for SFE of the C 0 2/nC2}i mixture. But in the activity coefficient method, the 
equation (2-5) includes an additional adjustable parameter, D ,2. So the correlation using 
this activity coefficient method may give better results. We searched the values o f the 
parameters, D 12 and k,2 which minimize the errors in the solubility o f the solid by equation 
(3-6), (3-7), (2-5), (2-11) and (2-12). As shown in Table 3-6, the results were improved
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.greatly compared with the results by the EOS method using the original SRK-EOS. The 
results were not so sensitive to the Vco2 value, and 55 to 100 cc/mol may be chosen for 
searching the other parameters. We used 75 cc/mol. The k12 values in the original SRK-EOS 
were different from the values for VLE, probably because the solution is very dilute and/or 
the constants of the original EOS are not good for the conditions of the experimental data. 
However, the results were successful. This correlation method is useful for a system whose 
experimental data are hard to fit by EOS only.
Table 3-6 Correlation Results for SFE of C02/nC28 System by Activity 
Coefficient Method (VC02 = 75 cc/mol)
By original SRK-EOS constants AAD u n it: %
T
Separate Values of 
Parameters
k,2 = -0.156 
D 12 = Separate
Dl2 = 77.63 
k)2 = Separate
D I2 = 75.73 
k l2 = -.052
(K) kI2 D,2 AAD D,2 AAD k,2 AAD AAD
307.85 -0.166 85.27 4.52 83.97 4.88 -0.107 10.34 35.34
318.55 -0.124 75.90 11.14 79.36 11.53 -0.139 11.31 25.82
323.35 -0.167 76.21 9.02 75.16 9.23 -0.182 9.64 23.71
325.15 -0.176 75.59 10.48 73.98 10.70 -0.200 11.60 27.85
Overall AAD 8.79 9.09 10.72 28.18
By SRK-EOS constants adjusted by method 2 AAD u n it: %
T
Separate Values of 
Parameters
k12 = 0.097 
D 12 = Separate
DI2 = 68.10 
k,2 = Separate
D 12 = 64.49 
kI2 = 0.161
(K) k |2 D 12 AAD D 12 AAD k,2 AAD AAD
307.85 0.105 71.30 3.69 72.24 4.11 0.135 6.12 18.96
318.55 0.115 68.12 6.28 69.63 6.73 0.115 6.30 15.00
323.35 0.087 68.01 4.53 67.45 5.12 0.086 4.56 21.72
325.15 0.089 72.10 5.41 66.69 5.95 0.076 5.51 23.36
Overall AAD 4.98 5.48 5.62 19.76
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In another approach, the constants o f  the SRK-EOS for long chain m olecules were 
determ ined by simple manipulation using liquid m olar volume data as in correlation method 
2 in section 3.3.2. W e then used these adjusted EOS constants for the pressure correction 
o f the activity coefficient. The EOS constants were adjusted using liquid m olar volum e, 
and the EOS was used for calculation o f the partial molar volumes at the sam e temperature. 
By this technique, the pressure correction, which is difficult in the subcooled liquid region, 
m ay be calculated m ore accurately. By adopting these EOS constants, the results were 
much improved and better than those o f the correlation method 1 by EOS described in 
section 3.3.2, in which three EOS param eters were fitted to the experim ental data and the 
liquid m olar volume. W hether we used the original EOS constants o r adjusted constants, 
if  one o f the param eters was m ade tem perature dependent, the results maintained almost 
the same magnitude of deviations.
3.5 Discussion
Since there is no simple EOS whose performance is good for both the critical point 
region o f the supercritical fluid and the subcooled liquid region o f the solute, and since 
vapor pressure data for the solute are often not available, solid fluid phase behavior is not 
readily predictable. We have to correlate the experimental data by an appropriate model 
and predict at conditions where the experim ental data are not available.
Correlation m ethods by the SRK-EOS and by the activity coefficient m ethod showed 
satisfactory results for the supercritical C 0 2/nC 28 mixture. These m ethods m ay be appli­
cable for the molecules whose properties are not available or for the m olecules to which 
conventional methods are not applicable. Depending on the availability o f  the pure 
com ponent properties o f  solid materials, the num ber o f adjustable param eters varies.
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The modified PR-EOS shows that proper selection o f the EOS enables us to correlate 
the experimental data by adjusting k I2 only. It was developed only for petroleum fractions 
and more data are needed for the determination of the EOS constants. So there may be 
difficulties in using this equation for materials whose properties are not known. The 
SRK-EOS can be used successfully if there are either critical point data or vapor pressure 
data, and liquid molar volume data. Correlation methods 2 and 3 may be very useful because 
the only adjustable parameter is the binary interaction parameter.
Vapor pressure for the subcooled liquid region is important, because solid solubility 
in a supercritical fluid is governed primarily by vapor pressure and only secondarily by 
solute solvent interactions in the supercritical fluid phase. But in correlation o f SFE data, 
it is o f no use to have precise vapor pressure data without an EOS which gives the accurate 
performance for pure components and accurate interactions in the supercritical mixture. 
Figure 3-5 shows the vapor pressure by equation (3-9) and those by EOS. Although equation 
(3-9) is based on data above the triple point, it may give the best predictions. Vapor pressures 
by SRK-EOS are better than those by the modified PR-EOS, but in the overall results of 
SFE calculation, the modified PR-EOS is much better. The reason may be due to the 
performance of EOS for C 0 2. Binary interaction parameter k12 may absorb the errors in 
vapor pressure easily, but may not be able to handle the errors in the complicated C 0 2 
properties around its critical point.
In correlation method 2 by SRK-EOS described in section 3.3.2 and in correlation 
by the modified PR-EOS, it was even better to use vapor pressure by EOS than to use 
equation (3-9). Consistent use o f EOS in pure component property and mixture property, 
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Figure 3-5 Vapor Pressure o f Liquid nC28
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The correlation by the activity coefficient m ethod certainly improves the results, 
most probably because one more parameter is introduced. This method has a practical 
advantage because the reference pressure is close to the pressure o f the real fluid mixture 
and the activity coefficient is better than EOS for handling liquid-like fluid m ixtures.' 
Especially when the EOS constants adjusted by simple manipulation using subcooled liquid 
molar volumes are used, the results are expected to be better than by any other method. 
Although fitting o f two parameters, D l2 and k I2, are required, exclusion o f the sublimation 
pressure in the calculation is also an advantage o f the activity coefficient method.
CHAPTER 4
SOLID LIQUID EQUILIBRIA OF HYROCARBON/HYDROCARBON
MIXTURES
4.1 Introduction
Solubility o f heavy hydrocarbon solids in lighter hydrocarbon liquids has been stu­
died extensively, but mostly for aromatics and their derivatives. In oil production, solu- 
bilitiesof alkanes as well as other materials such as aromatics and naphthenes are important. 
The literature relating solubility for solid alkanes is very limited. (Ralston, 1944; 
Hildebrand and Watcher, 1949; Hoerr and Harwood, 1951; Madsen and Boistelle, 197.6, 
1979; Chang et al., 1983; Haulait-Pirson et al., 1987). Modelling of the solubility in light 
and heavy hydrocarbon mixtures has been studied by many authors such as Renon and 
Prausnitz (1968), Choi et al. (1985), Haulait-Pirson et al. (1987), and Knalz (1991). The 
studies deal with solubility only at atmospheric pressure. In enhanced oil recovery using 
C 0 2 gas, the pressure and temperature in the well are usually supercritical for the COz. 
During most C 02 flooding operations, the pressure is usually maintained above the 
minimum miscibility pressure. As our final goal is to investigate the effect o f COz on solid 
precipitation, we need to examine experimentally the effect o f pressure on the solubility 
of hydrocarbon solids in hydrocarbon liquids.
For this purpose, we selected nC10/nC2S binary paraffin mixture, and nC10/Xyle- 
ne/nC28 and nC10/Xylene/Phenanthrene ternary mixtures. In the ternary systems, we fixed 
the ratio of nC10 to xylene equal to two, according to the average ratio of paraffins to 
aromatics in residual oils. We measured the saturation temperatures and pressures of fixed 
compositions, instead of measuring the solubility at given temperature and pressure, 
because it is more convenient in our apparatus.
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In this work, we report experimental data, a prediction method for the temperature 
and pressure effect based on low pressure data only, and a correlation method based on 
several activity coefficient equations.
4.2 Experimental
4.2.1 Apparatus
The apparatus consists of the Ruska Pressure Volume Temperature (PVT) Cell, two 
Ruska Pumps and reservoirs. A schematic of this equipment is shown in Figure 4-1. The 
Ruska PVT set-up houses two viewable 191 cc equilibrium cells in a temperature controlled 
air bath. The cells are manifolded with two Ruska pumps, and the cells and the pumps are 
manifolded with reservoirs. A temperature controller (Omega) for the air bath, a multipoint 
temperature indicator (Omega) and temperature elements (Platinum RTD) are installed on 
the PVT Cell, and pressure gauges (Heise Bourdon Guage) are installed on the pumps. A 
cathetometer for phase volume measurement and densitometer for phase density mea­
surement are available, though they are not used in these experiments. The maximum 
working pressure of the PVT cell is 4000 psia.
Mercury was used to pressurize the sample mixtures. The PVT cell in its housing 
can be turned upside down and can be rocked in a horizontal position for better mixing of 
the samples. The mercury in the cell also enhances the mixing during rocking of the cell. 
The presence of solid can be observed visually through the sight glass of the cell and 








: Positive Displacement Pump 
Pressure Gauge 
PVT Cell 
: Air Bath 
Cathetometer 
Mercury Reservoir
G : C 02 reservoir 
H : Flash Separator 
I : Wet Test Meter 
TC : Temperature Controller 
TI : Temperature Indicator
Figure 4-1 Pressure Volume Temperature (PVT) Cell
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4.2.2 Materials
The materials used in this experiment are




Aldrich 99 % plus 
Aldrich 99 % plus 
Aldrich 99 % plus 
Aldrich 98 % plus1
a : Purified by the method described in Gupta et al. (1991).
4.2.3 Experimental Procedure
The experimental procedure includes choice of sample composition, sample charge, 
temperature setting, solid precipitation and solid dissolution.
1) Sample composition
We determined a nominal composition by preliminary experiment at room temper­
ature and by the approximate linear relation
The total volume o f the cell is about 190 cc and 50 to 160 cc o f sample mixture is 
required for optimum observation and mixing. The balance o f the cell volume is filled 
with mercury.
ln*2 { T J T - 1)
Iua'2 ( T J T 0- 1)
where, T° room temperature.
T  : the temperature of the proposed experiment
Tm : the melting point temperature o f solid hydrocarbon
x2 : solubility at T” and T  respectively
70
2) Sample charge
Weighed amounts of liquid solvent and solid solute were put into the cell directly 
through a plug hole. For a low melting point solid, we put the solute into a syringe and 
melted it in the syringe for easy charging. Liquid solvent was charged by syringe or by 
funnel. After charging the solvent and solute, the air present in the cell was displaced by 
pumping mercury into the cell. At this point, the cell contains a mixture of solid and liquid 
of known weight and overall composition.
3) Temperature setting and saturation pressure determination
Based on rough estimates of the saturation temperature by preliminary experiment 
or by the ideal solubility equation, it was possible to increase the temperature slowly to 
find the saturation temperature near atmospheric pressure. The solid was observed through 
the cell sight glass, and when all the solid was dissolved, the temperature was read.
After this first reading the temperature was slightly increased to dissolve all solid, 
and when the temperature had stabilized, solid was precipitated by increasing the pressure. 
When enough solid was precipitated, the pressure was decreased slowly, rocking the cell 
for more than 5 minutes for each pressure. When all the solid dissolved, the temperature 
and pressure were read as the saturation point o f the mixture.
We repeated this procedure, changing the temperature, for the pressure range of 
atmospheric to above 3000 psia to get a saturation curve for the known sample composition.
Before doing the experiment, the temperature element (RTD) was put into the liquid 
and calibrated. The estimated deviation of the temperatures between the temperature 
element in the liquid and that installed on the cell surface is ±  0.2 0 F. The maximum error 
in temperature is estimated to be ±  0.4° F including other possible errors. Repeated reading 
of the pressure for complete dissolution o f the solid was done and agreement within ±  50
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psi was observed. The maximum error in pressure is estimated to be ±  100 psi. W eight of 
the sample was read within ±  .01 grams and there is negligible loss during charging of the 
cell. The maximum error in compositions is estimated to be ±  1.0 % in solubility.
4.2.4 Results
Experimental results are shown in Tables 4-1 and 4-2, and Figures 4-3 and 4-4. The 
slopes of the saturation lines are linear within the experimental errors. Our low pressure 
results for the nC!0/nC2K mixture were compared with those of Madsen and Boistelle (1979) 
in Figure 4-2. Agreement was good. The solubility was higher than the ideal solubility.
The pressure effect on solid precipitation can be seen clearly. At 312.4 K, the solu­
bility o f nC28 in nC„, decreases about 43 %. as the pressure increases from atmospheric to 
about 3000 psia. The pressure effect on solid precipitation in the nC 10/xylene/nC2lt system 
is a little less, but almost the same as for the nC10/nC2g system, and that in the nQo/xyle- 
ne/phenanthrene system is almost negligible. The pressure effect seems to depend largely 
on the solute properties and only slightly on the solvent properties. These pressure effects 
may be much greater for heavier alkanes, as will be discussed later.
As shown in Figure 4-3, the slope o f the saturation curves did not change much for 
a small change of composition. In order to investigate the slope change, an experiment at 
higher solubility may be necessary. But it is not expected to change much because the 
main contribution to the slope is by the pure component properties of the solute.
4.3 Theory
4.3.1 Ideal Solubility
Solubility o f a solid in a liquid can be calculated using the ideal solubility and activity 
coefficient. A thermodynamic relation for phase equilibrium is
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Table 4-1 Saturation Conditions for the nC,„/nC28 Binary System
Experimental Data
XC2S = 0.06013 XC28 = 0.08198 Xc'2K - .1074
T (K) P (psia) T (K) P (psia) T (K) P (psia)
307.2 15 310.3 260 312.5 30
307.4 275 311.0 665 312.7 160
308.0 655 312.2 1405 313.5 655
308.9 1115 313.4 2245 314.4 1295
309.0 1265 314.4 2835 315.3 1825
309.7 1595 314.7 3080 316.3 2455









XC28 = 0.06013 XC28 = 0.08198 XC28 = 0.1074
0 307.2 310.0 312.4
500 308.0 310.8 313.2
1000 308.8 311.5 314.0
1500 309.6 312.3 314.8
2000 310.3 313.1 315.6
2500 311.1 313.8 316.4
3000 311.9 314.6 317.2
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Table 4-2 Saturation Conditions for the nC )f/X ylene/Solid Ternary System
(Xclo/X Xyl = 2.0)
Experimental Data
Xpte = .1484 Xc28 —.09803
T (K ) P (psia) T (K ) P (psia)
316.2 30 310.5 15
316.4 635 311.0 340
316.9 1005 311.6 655
317.4 1675 312.3 1205
318.0 2325 313.3 1835
318.6 3025 314.6 2810
315.3 3165
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Figure 4-3 Saturation Conditions in nC10/nC28 Binary System
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3 ,5 0 0
3 ,0 0 0 -
2 ,5 0 0 -
C 1 0 /X y l/C 2 8  
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1 ,5 0 0 -
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Figure 4-4 Saturation Conditions in nC10/Xylene/Solid Ternary System
(Xcio/XXyi = 2.0)
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f \ = j \  ( 4 - 1 )
The solid phase may be assumed to be pure, and
f 2 = f ?  ( 4 - 2 )
For the liquid phase,
A = y ^ f t  ( 4 - 3 )
Thus,
St
Y2*2 — -V2,id ea l ~ r n l  (4 4)
h
The ratio of fugacity of solid to that o f subcooled liquid at the saturation pressure is 
given by Prausnitz et al. (1986). Neglecting the heat capacity terms, and adding terms for 
heat of transition in the solid phase and the terms for the Poynting pressure corrections of 
both solid and liquid, the ideal solubility equation becomes
AHm( T  \  AH ,( T ,  > r r A l;2
( 4 - 5 )
In this equation, the effect of pressure on the ideal solubility depends on the volume 
change during melting and transition. When the volume change is small, or when the 
pressure o f the system is low, the effect o f pressure is negligible. Volume changes for long 
chain molecules are considerable, and the pressure correction term must not be neglected 
in this case.
Once the ideal solubility has been calculated the actual solubility can be obtained 
from equation (4-4) using the activity coefficient.
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4.3.2 Temperature Dependency of the Activity Coefficient
Temperature dependency of the activity coefficient is given by a basic thermody­
namic relationship as follows
Data on the partial molar excess enthalpy o f hydrocarbon mixtures are not available. 
Instead, there are some experimental data on excess enthalpy for normal alkane mixtures 
in the literature (Hijmans et al., 1969; McGlashan and Morcom, 1961a, 1961b; Hammers 
et al., 1973). Partial excess enthalpy can be calculated by
In order to use this equation, we need to correlate H1' as a continuous function o f T  
and x2. Although data do not exist for the nC l0/nC28 mixture, we can predict heat o f mixing 
for normal alkane mixtures by the principle o f congruence. Here, we describe the principle 
o f congruence, and the method and results o f the correlation briefly.
Principle o f Congruence
Excess functions o f normal alkanes can be correlated at a given temperature and 
pressure with average chain length according to the following equation (McLashan and 
Morcom, 1961).
( 4 - 6 )
( 4 - 7 )
G E = {n2-H \)2A x (  1 - x )  = A (n2- n ) ( n  - « , )  
n = + x2n2
( 4 - 8 )
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where, x, and n; are mole fraction and number of carbon atoms of a component i. Based 
on this principle, empirical equations were derived by Hijmans et al. (1969).
Once the parameters A,, A2, and A3 are determined from data for a n-alkane mixture of 
carbon atoms nA and n,„ the following equation can be used in the calculation of H1' of 
mixtures of alkanes having carbon atoms n, and n2.
H h(nv n2,n ,T)  = H F(nA,n[l, n , T ) -  ———H h(nA,np, n ^ T ) - - — — H f (nA,nB,n2,T)
n2 —n i n2 ~ ,l\
where, nA < n t <n2 < nn (4 -  10)
In order to include all the normal alkane data, we put nA = 4 and nB = 100. Parameters 
A,, A2 and A3 were searched at each temperature and were correlated as follows:
A , = -3 .4614 + 262.447/(7 + 15.195) + 0.0128887
A 2 = 4.5498 + .31006E -  17 -  .84721E -  3T2 -  .35563E  -  5 7 3 (4 - 1 1 )
A3 = -32.003 + .387017 - .  13193E -  17 2 + .46293E -  4 7 3
With this correlation, we could reproduce the experimental data of Hf‘ successfully 
for the normal alkane mixtures o f carbon number 5 to 62, and temperature range of 20° to 
135° C. The only defect o f this correlation is that it does not include any pressure effect. 
Most of the Hf‘ data which we used in the correlation seem to be at atmospheric pressure. 
But the effect of pressure on the Hn at the low temperature range of our interest may be 
neglected. At high temperature where the molar volume change with pressure is significant, 
the effect of pressure on Hh may be significant. The correlations are based on the Hh data
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at the temperature above triple points of the heavier alkanes, but they are expected to be 
valid when the temperature is not far below the triple point o f the heavier alkane. Predicted 
Hn for the nC10/nC2K mixture at 320 K is shown in Figure 4-5.
Using equations (4-6), (4-7), (4-10) and (4-11), we can get the temperature effect on 
the activity coefficient at low pressure. The results of calculation for the nC10/nCM mixture 
at our experimental conditions are shown in Figure 4-6.
4.3.3 Pressure Dependency of the Activity Coefficient
Pressure dependency of the activity coefficient is given by a basic thermodynamic 
relationship as follows:
The empirical relation based on the principle of congruence can also be applied to 
excess volume, but a simpler and better relation for n-alkanes using the connectivity 
parameter instead of carbon number was suggested by Jain and Gombar (1979).
(4 -1 2 )
Similarly to the partial excess enthalpy, we can get partial excess volume by
(4 -1 3 )
y F .  _  _ A  ( C 2 - C ) ( C ~ C , )
c,c2c
(4 -1 4 )
The third order connectivity parameter was defined using the number of bonds between 
the carbon atoms, the resulting equation for n-alkanes are
and C| is the third order connectivity parameter o f component i, n, is number of carbon 
atoms o f component i. The equation has only one parameter, A, which is dependent on 
temperature. Parameter, A, was determined by polynomial fitting as following equation, 
using the values given by Jain and Gombar (1978).
A = 1.20653 + 5.2608£ —2 T — 1.5839E — 4T 2 + 3 .61473£ — 6 7 3 (4 - 1 5 )
V1' of the nC10/nC2(l mixture using this method is shown in Figure 4-5. In this method 
also, the effect of pressure on excess volume was neglected. Pressure effect on the activity 
coefficient was calculated at our experimental conditions and the results are shown in 
Figure 4-7.
4.3.4 Prediction of the Saturation Lines
Before theoretical interpretation of the experimental data, we investigated the 
experimental activity coefficients. They are calculated by equations (4-4) and (4-5) using 
our experimental data and are shown in Figure 4-8a. The smoothed data are given in Table 
4-1 together with the original data. The results show that the activity coefficients are less 
than unity, and they do not vary much along the saturation lines. The maximum change 
of the activity coefficient from atmospheric to 3000 psia is about 5 % which is almost 
negligible considering the estimated maximum experimental error which correspond to 
about 4 % in the activity coefficient.
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Slopes of Saturation Lines
For theoretical interpretation of our experimental data, we obtained the slope equation 
for the slope of the saturation curves by differentiating equations (4-4) and (4-5). The slope 
is given by
We can explain the linearity o f the saturation lines by the first expression o f the above 
equation. At a given composition, the activity coefficient and partial derivatives of the 
activity coefficient with respect to T and P are almost constant. The partial derivative o f 
volume change is very small compared with heat of melting and transition terms. Also 
temperature change of the saturation lines is very small. The dominant heat o f  melting and 
transition terms are constant and the volume change term in the denominator is almost 
constant. This explains the approximately constant slope of the saturation lines. The small 
change of the slope seems to be within the experimental errors.
Although we have the theoretical temperature and pressure dependency o f activity 
coefficient, the saturation lines cannot be predicted without knowing the activity coeffi­
cient. So we can only calculate the slope o f the saturation lines. The second expression of 
equation (4-16) is more convenient in slope calculation because it does not include activity 
coefficient.
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Prediction Based on Low Pressure Data
In Figure 4-8, the experimental activity coefficient data show that the magnitude of 
the activity coefficient is almost constant for a given composition. Therefore, if we have 
one low pressure data point, we can predict the whole saturation line using the experimental 
activity coefficient based on the low pressure point.
More theoretically, since we have the theoretical temperature and pressure depen­
dency of the activity coefficient, we may be able to predict the whole saturation line at a 
given composition, if we have a saturation point datum. Activity coefficient can be 
expanded by Taylor's series as follows.
Here, the higher order terms after first order are truncated. And we used 1/T instead o f T 
because equation (4-6) can be written as
In equation (4-17), we used low pressure data for the first term, and the partial derivatives 
of the activity coefficient were calculated by the principle of congruence and the con­
nectivity parameter as described in the previous section. The activity coefficients predicted 
from the low pressure data based on this method are compared with experimental activity 
coefficients in Figure 4-8a.
For calculation o f the saturation lines, we used the molar volume data and melting 
and transition point data given in Table 4-3. Experimental activity coefficients at low
( 4 - 1 7 )
constant
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Table 4-3 Pure Component Properties Used in Calculations
Molar volume (cmVmol)
nC,0 ' VL = 149.52 +  0.118037 +  0.8270E -  047 1 + 0.14445E -  067*
Xylene "vL = 0.12387 + 87.016
nC2s ' vL = 0.422037 +  365.588 
V/V =0.118287 +  381.623
Phenanthrene c VL = .099697 + 131.281
f Vs = 151
Phase Change
nC28 B y  1 m 
8t1 i
334.35 K 
331.15 K 8 AH,
64643 J/mol 
35438 J/mol
Phenanthrene h 'p * m 372.80 K "A Hm 16474 J/mol
Vapor Pressure
nCl0 ( 1 0 MPa) lnPv — Ai +  A2/(T + A3) +  A^T + A5 In T  + A^T2
A, = 66.76237 A3= 18.21989 As = -3.589570 
A2 = -10285.13 A4 = -3.597183E-02 Aft = -2.426943E-05
nC2R (MPa) J lnPv = 10.8937 — 7806.30/(7 — 99.6546)
Solubility Parameter
component k nC,n k nC28 k Xylene 1 Phenanthrene 
5 (J/cc)"5 15.80 16.76 17.95 20.25
a : modified using density equation o f Orwoll and Flory (1967); valid at 0 to 50° C
b : Linear equation derived from 20° and 25° C density data from TRC (1985)
c ; Linear equation derived by regression o f data from Drcisbach (1955) and Tcmplin (1956)
d ; Estimated from data o f Tcmplin (1956)
c : Linear equation derived using data at 305° C from Dobbs et al. (1986) and 99.8° C from TRC (1969)
f : Data from Schmitt and Reid (1986)
g : Schaerer et al. (1955)
h : F inkcclal. (1977)
i : from PROPY (LSU Chemical Engineering Data Base)
j : made by data o f Chirico ct al. (1989) and triple point data of Morgan and Kobayashi (1991).
k : Solubility parameter: Calculated from AI l v and V L data from Dreisbach (1955 and 1959) using
following equation.
8  = (AEJVl )1'2 AEv = A//v -  R T  + PVL
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pressure were calculated by equations (4-4) and (4-5). W ith these activity coefficients, the 
saturation curves were found by trial and error using equations (4-4) and (4-5). When the 
Taylor series expansion was used for prediction, the same procedure was followed, but 
additionally equations (4-6), (4-7) and (4-9) to (4-11) were used for temperature 
dependency o f the activity coefficient, and equations (4-12) to (4-15) were used for pressure 
dependency of the activity coefficient. The results o f both prediction methods, with 
constant activity coefficient from the low pressure data point and with activity coefficient 
by Taylor series expansion, are shown in Figure 4-9. The prediction is satisfactory for both 
cases, but in the latter case, the deviations are smaller.
Correlation Based on Florv-Hugpins plus Regular Solution Equation
If we know the magnitude o f the activity coefficient, we can use equations (4-4) and 
(4-5) to predict the solubility at given conditions. The activity coefficient can be expressed 
as the sum of two contributions, configuration and interaction.
The configuration part is given by the Flory-Huggins equation. This equation is appropriate 
when the activity coefficient is less than unity.
We can use the form of regular solution theory as the interaction part o f the activity 
coefficient.
lny2 =  Iny2(configuration) + lny2(interaction) (4 - 1 8 )
¥ 2  ¥ 2In y2( configuration) =  In----h i ------
x 2 x2
(4 - 1 9 )
lny2(interaction) (4 - 2 0 )
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In a preliminary study by the above Flory-Huggins plus regular solution equation, 
the values o f D 12 were determined by solubility parameters given in Table 4-3.
FornC in/Xylene/nC28 and nClf/Xylene/Phenanthrene systems, the solution may be treated 
as a binary mixture using average molar volume as follows:
where, xs, and \j/„ are mole fraction and volume fraction of component i in solvent mixture. 
D ,2 values are given in Table 4-4 as a„. The saturation temperatures were calculated using 
equations (4-4), (4-5), and (4-18) to (4-20). The prediction o f saturation lines are shown 
in Figure 4-10 and 4-11. For the systems including nC28, the prediction was fairly good 
and the deviations of saturation temperature were about 1 ° C. But the deviations in sol­
ubility were not negligible as shown in Table 4-4. For the nCI0/Xylene/Phenanthrene 
system, the difference in solubility parameters o f solvent and solute is much greater. So 
an error in solubility parameter results in great error in the D l2 value. The predicted sat­
uration temperatures were much lower than the experimental saturation temperatures. The 
predicted saturation line is not shown in Figure 4-11 because the temperatures are outside 
of the range.
Also, constant D l2 was fitted to the smoothed data of Table 4-1 using the same 
equations (4-4), (4-5), and (4-18) to (4-20). In Table 4-4, the fitted D]2 values are given 
as a0, and the deviations o f experimental and calculated solubilities are given. The activity 
coefficients calculated by this D ,2 value for the nC„/nC28 system are shown in Figure 4-8b 
as dotted lines. Calculated saturation lines based on the activity coefficients by these D 12 
values are shown in Figure 4-10 and 4-11. In the nC10/nC2g system, we can see that the 
solubility is not sensitive to small changes in the activity coefficient.
£>12 = ( 5 , - 5 2)2 (4 -2 1 )
sovcn t
5, = I  VjlS,
so lven t
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Even though the final results with constant D l2 value are satisfactory, comparison of 
the dotted lines with the data in Figure 4-8b suggests that Dn must be dependent on the 
saturation temperature or saturation pressure. Although it is not shown here, it was found 
that the correlation result did not improve much without the pressure correction term, even 
though D i2 was put as a function of temperature. So the pressure correction term must be 
included. As shown in Figure 4-7, the partial derivative of the activity coefficient with 
respect to pressure does not change much in our whole experimental range. If we put this 
derivative as constant to simplify the model, we can easily get the form of the pressure 
term. D )2 may be put as a linear function of temperature in the small temperature range. 
Then, the resulting correlation becomes as follows:
where, the units are J/cnr’ for D12 and cmVmol for A. This form o f the model does not give 
the correct T  and P dependency of the activity coefficient but gives accurate slope and 
solubility for the nCl0/nC2g saturation lines. For the case of one parameter D 12, two 
parameters, D 12 and A, and two parameters with temperature dependent D 12, the parameter 
values are given in Table 4-4. The parameters were found so that the % deviation of the 
calculated and the experimental solubilities becomes minimum. The activity coefficients 
for the nCIO/nC28 system calculated based on searched parameters are compared with those 
determined experimentally in Figure 4-8b. Two parameters, D 12 and A, with temperature 
dependent D 12, gave good agreement in the activity coefficients. But the calculated and 
experimental saturation temperatures agreed well even with one constant parameter, D 12, 
as shown in Figures 4-10 and 4-11.
(4 -2 2 )
m
(4 -2 3 )
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Table 4-4 Constants o f the Model Equations (4-22) and (4-23) 
and Deviations in Solubility
Mixture an A A A D (%)
nC 10/nC 2S * 0.9216 7.1
1.5059 2.1
1.7182 -6.8194 1.7
-19.170 22.509 -9.9690 0.9
nCl0/X yl/nC28 a 0.1966 13.9
1.6031 2.4
1.9796 -10.842 0.8
nC,,/Xyl/Phen a 15.472 35.4
20.341 1.7
20.775 -5.1242 0.2
a) evaluated by solubility parameter (Tabic 4-3) D ,2 = (81- S 2)2
Based on the searched parameters, we calculated the solubilities at each experimental 
data point. The average deviations are also shown in Table 4-4. The deviations for the 
nC ,,/nC28 system show that the temperature dependent form o f the D 12 may be more 
important than the pressure term for accurate correlation. This fact agrees with the 
temperature and pressure dependency o f the activity coefficient analyzed by principle o f  
congruence and connectivity parameter, which are shown in Figure 4-6 and 4-7. For 
nCio/xylene/nC28 and nC10/xylene/phenanthrene ternary systems, as the heat o f m ixing data 
and excess volume data are not available, we cannot predict the temperature and pressure 
dependency o f the activity coefficients. But the experimental data show similar trends. 
Therefore, we used the same model to  correlate the experimental data. As we have 
experimental data for only one composition, and the saturation lines were linear, we did 
not use temperature dependent D 12. For the same nC2g solute, when the solvent was changed 
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parameters decreased a little. For the same nC10/xylene solvent mixture, when the solute 
was changed from nC2g to phenanthrene, D !2 value changed greatly. The trend is 
qualitatively correct because the solublity parameter o f phenanthrene is larger than that of 
nC2)i.
Wilson. Heil. NRTL Equations
Renon and Prausnitz (1968) developed the nonrandom two liquid (NRTL) equation 
and generalized Wilson, Heil and NRTL equations for athermal mixtures.
{A |G i2 AiGti 1- r — v'T r V — ^ ( a - j + ^ G , , )A2 +  A |G ]2 A ]+ X 2G 2| J
2 I ^\2^]2 ^21^21 1 ,A+  p x A -------------------- r +  r r ( 4 - 2 4 )
I f o + ^ G , , ) 2 ( x ,+ A 2G 21)2 J
^12 =  ( S l 2 ~ i ,2 2 ) ^ ^ ' 
x2. = ( £ 2  \~Zu) lRT
^12 = Pl2eXP(—®I2 Î2)
Ĵ 2\ =  P21 6XP(—1̂12^21)
Sl2 = 8 2 1
where, g ,„  g22 and g [2 are interaction energies between the 1-1 pair, the 2-2 pair and the 
1-2 pair respectively. The values o f p, q, p(> and a tJ are given as follows:
Equation P q P.y
Wilson 0 1 v,/v 1
Heil 1 1 v,/v, 1
NRTL 1 0 1 0.3
v, : liquid molar volume of component i
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In the case o f the NRTL equation, a,, can be fixed at 0.3 as recom m ended by Prausnitz 
et aL( 1986). Then, all the equations include two parameters, but are still less attractive 
than the Floiy-Huggins plus regular solution equation, which has only one parameter. 
However, the interaction energies, g , , and g22 may be interpreted as energies o f vaporization 
from the given state to the ideal gas state. In the nC 10/nC28 system, vapor pressures o f  the
solvent and the solute are low enough so that they may be assumed to be in the ideal gas
state. Hence, we can put
S n = A t / w 8 2 2  =  ( 4 - 2 5 )
with AUv = AHv- R T  + P V l
The heats o f vaporization, AHvi, can be calculated by the Clausius-Clapeyron equation 
using available vapor pressure equations. The vapor pressure equations for nC ,n and nC28 
are given in Table 4-3. Then, the only parameter is g ]2. For pressure correction, we used 
the same term as in equation (4-22), and g ]2 was made temperature dependent as in the 
following equations.
A P
•ny2 =  lny2o+ —  ( 4 - 2 6 )
S.2 =  tfo + « , y  ( 4 - 2 7 )
where y^  is the value by equation (4-24). The searched param eter values and the deviations 
in experimental and calculated solubilities are tabulated in Table 4-5.
The constant A in the pressure correction term o f equation (4-22) and (4-26) corre­
sponds to V 2 in equation (4-12). W hen V 2 from the connectivity param eter correlation
99
Table 4-5 Constants o f the Model Equations (4-26) and (4-27) 
and Deviations in Solubility for nCI0/nC28 System
Equation a„ a. A A AD (%)
Wilson 120704 n 1.9
120881 -8.2981 1.1
6911 114468 -10.3684 0.9
Heil 124503 Pf 1.3
124554 -3.7270 1.1
3372 121428 -4.7103 0.8
NRTL 127718 n 2.1
127738 -3.1553 2.2
10540 117956 -5.0105 0.8
Vj : calculated by equation (4-13) to (4-15) and roughly in the range -2 to -3 cm ■'/mol
was substituted for A and only g12 was fitted vs. temperature without a0 o f equation (4-27), 
the deviations by the Wilson and the NRTL equations were almost the same as those by 
the Floiy-Huggins plus regular solution equation, but those by the Heil equation were less. 
When we fitted g,2 and A to the experimental data, except for the NRTL equation, the 
deviations were almost the same as those by Flory-Huggins plus regular solution equation, 
whether ap is included or not. The values o f A for the Flory-Huggins plus regular solution 
equation and the Wilson equation are similar, and those for the Heil equation and the NRTL 
equation are similar. The smaller absolute values o f A are much closer to the theoretical 
values, v \ . The calculated saturation lines gave agreements with the data similar to Figure
4-10.
4.4 Discussion
The experimental results show that the effect o f pressure, which is often neglected 
for hydrocarbon/hydrocarbon mixtures, may be considerable, depending upon the mate­
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rials. The analysis of T and P dependency shows that the effect of T and P on activity 
coefficient is small. Therefore, we can conclude that the pressure dependency o f the 
solubility is largely due to the properties of the pure solid component, and it can be 
approximated by the pressure term in the ideal solubility equation when the molar volume 
of the solvent changes very little with pressure. However, when the molar volume changes 
much as in the supercritical fluid, the effects o f solvent properties may be great.
The correlation of the experimental data was successful when we used low pressure 
data for the activity coefficient and Taylor series expansion for the effect of temperature 
and pressure on the activity coefficient. All four activity coefficient correlating equations 
described can be used successfully. But the Wilson, Heil, and NRTL equations need heat 
of vaporization data, or at least, vapor pressure data. If these data are available, the number 
of parameters is only two, one for the original low pressure model equations and the other 
for the pressure correction term. In case the V E data are available, the Heil and NRTL 
equations give satisfactory results with only one parameter. D 12 or g l2 may be put as a 
constant in a small range of temperature and composition, but they must be dependent on 
the temperature for wider ranges of temperature and composition. For multicomponent 
mixtures, the Flory-Huggins equation has an advantage because we can deal with the 
solvent mixture as one component using average molar volume.
In petroleum production processes, the solid deposit problem usually deals with only 
very heavy materials such as resin and asphaltene. But always the deposition of these 
materials is accompanied by deposition of heavy paraffin and aromatic solids. These heavy 
paraffin and aromatics are better solvents than the lighter hydrocarbons for the resin and 
asphaltene. The deposition of these heavy paraffin and aromatic materials make the solvent 
in the solution less effective for the dissolution of resin and asphaltene. Also, the deposited 
solid may provide the nuclei for the deposition for the heavy materials which otherwise
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may exist in a supersaturated or a suspended state. The deposition of long chain molecules 
seems especially to depend much on the pressure. This can make the overall deposit of 
asphaltene dependent more on the prevailing conditions of temperature and pressure. 
Therefore, the first problem to be solved may be finding the conditions for which the 
hydrocarbons, whose content is high, do not deposit.
CHAPTER 5
EQUILIBRIA OF SUPERCRITICAL C 0 2, LIGHT HYDROCARBON LIQUID 
AND HEAVY HYDROCARBON SOLID MIXTURES
5.1 Introduction
Although solubility of hydrocarbon solids in supercritical C 0 2 has been studied by 
numerous authors, there is not much information for C 0 2 and paraffin solids. We dealt 
with supercritical COz and nC2(i mixture in Chapter 3 to understand the phase behavior of 
alkane and C 0 2 mixtures. The equilibria o f light hydrocarbon liquid and heavy hydrocarbon 
solid mixtures were dealt with in chapter 4.
As C 0 2 is a commonly used gas for EOR (enhanced oil recovery), investigation of 
the COz effect on solid deposition is very important from both the technical and economical 
standpoints for the successful recovery o f residual oil. In the EOR process, the residual 
oil includes light and heavy hydrocarbons. Hence, the phase equilibria of C 0 2, light 
hydrocarbon and heavy hydrocarbon mixtures must be studied. Ternary mixtures of 
COz/solid and cosolvent have been dealt with by several authors (Gopal et al., 1985; Dobbs, 
et al., 1986, 1987; Dobbs and Johnston, 1987; Kim and Johnston, 1987; Lambert and 
Johnston, 1989, etc.). The C 0 2 effect on the solubility o f solids has been studied by Yu et 
al. (1989), Chang and Randolph (1990) and Dixon and Johnston (1991). But no study has 
been done for the mixtures of COz and hydrocarbons which can represent residual oil.
In order to investigate experimentally the effect o f C 0 2 on solid precipitation in 
C 0 2/HC mixtures, we selected the C 0 2/nCio/nC28, CO 2 /n C 10/xylene/nC28 and 
CO2/nC ]0/xyIene/phenanthrene systems. In the systems including xylene, we fixed the ratio 
o f nC)0 to xylene equal to two according to the average ratio o f paraffins to aromatics in 
residual oil. We measured saturation temperature and pressure at fixed compositions 
instead o f measuring the solubility at given temperature and pressure, because it is more
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convinient in our apparatus. The measurement of saturation points was done for hydro­
carbon mixtures first, and it was repeated adding C 0 2 until the C 0 2 content reached 90 
mole %.
In this chapter, we report the experimental results and describe a simple correlation 
method by pressure corrected Flory-Huggins plus activity coefficient equation.
5.2 Experim ental
The experimental apparatus is the Pressure Volume Temperature (PVT) Cell, which 
was described in chapter 4. The materials used in this experiment are the same as in the 
previous chapter. Additionally we used C 0 2 from Liquid Carbonic (99 % plus). The 
procedure is also similar to that described in chapter 4, except that COz is involved.
After the weighed hydrocarbon liquid and solid samples are charged, C 0 2 is charged 
by pumping mercury to the C 0 2 reservoir. To maintain the pressure during charging, 
mercury is pumped out o f the PVT cell. A careful procedure must be followed in charging 
C 0 2, because this step may cause one of the biggest errors in the experiment. The same 
pressure and temperature are desirable before and after C 0 2 charge, to measure accurately 
the amount of C 0 2 added. We maintained the COz at room temperature and 1450 psia, at 
which condition C 0 2 molar volume is rather constant and the specific volume is available. 
The C 0 2 amount can be determined by reading the mercury volume pumped into the C 0 2 
reservoir. If the pressure change is too great during the charging procedure, C 0 2 can 
evaporate or condense and the reservoir temperature can be changed. The temperature 
change affects the C 0 2 molar volume and the accurate measurement of the C 0 2 amount 
is difficult.
The saturation pressure at a given temperature was measured as described previously 
in chapter 4, by observing the disappearance of solid as the pressure decreased. When the 
slope of the saturation line is high, it is very difficult to measure the pressure at given
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composition and temperature. In this case, the saturation temperature at a given pressure 
was measured by observing the disappearance o f the solid as the temperature increased 
slowly. Measurement o f the initial saturation point was carried out at relatively high 
pressure in order to avoid the SLVE region. For all the experiments, saturation temperatures 
and pressures were measured from near the bubble point pressure to above 3000 psig. At 
the lowest possible temperature, the bubble point or liquid-liquid equilibrium point was 
also measured.
The accuracy and the reproducibility of the temperature and pressure measurement 
is the same as described in chapter 4. The maxim um  errors are estimated to be ±0,4 °F in 
temperature and ±100 psi in pressure. But the composition may be less accurate because 
COz is involved and the maximum error is estimated to be ±3 %.
5.3 R esults
The results of experiments are shown in Tables 5-1 to 5-5 and Figures 5-1 to 5-7. 
Tables 5-1 to 5-3 and Figures 5-1 to 5-6 are for C 0 2/nC „/nC 2K system, Table 5-4 and Figure
5-4 are for CO2/nC 10/xylene/phenanthrene system, and Table 5-5 and Figure 5-5 are for 
C 0 2/nC ia/xylene/nC2({ system. The trends o f the C 0 2 effect are shown clearly by these 
data, which is our final purpose. Effects of C 0 2 on solubilities at constant temperature and 
pressure are shown in Figure 5-7. These figures are drawn by cross-plotting the saturation 
curves.
In all three systems, we found that the saturation temperature decreases as the C 0 2 
content increases up to some composition. In the C 0 2/nC lf)/nC 2s system, the saturation 
temperature became minimum at about 60 mole % o f C 0 2 and in CO2/nC 10/xylene/phe- 
nanthrene system, at about 50 mol %. The lowest saturation temperature for the 
CO2/nC l0/nC28 system can be seen clearly in Figure 5-6 which was drawn using the 
smoothed data. The slopes of the saturation lines increase slightly with C 0 2 content, but
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they are almost constant and similar to those of C 0 2-free hydrocarbon mixtures. In this 
range of C 0 2 content, the C 0 2/LHC mixture is as good a solvent as LHC only, and more 
solid can be dissolved by the dilution of the solution, as C 0 2 is added. The maximum solid 
is dissolved at the C 0 2 content of minimum saturation temperature.
Table 5-1 Saturation Conditions in the CO2/nCI0/nC28 Ternary System
(COz-free Xc2« = .06013)
Xc02 = 0.0 ^C02 ~ .283 XC02 —.505 ^C02 —.699
T (K ) P (psia) T (K ) P (psia) T (K ) P(psia) T  (K) P (psia)
307.2 15 305.0 415 304.3 1145 304.3 975
307.4 275 305.7 905 305.2 1785 304.7 1335
308.0 655 306.5 1565 306.3 2615 305.1 1565
308.9 1115 307.1 1965 307.2 3175 305.7 2165
309.0 1265 308.3 2655 306.2 2525






^C02 = .750 Xc02 = .806 ^C02 = .858 ^C02 = .912
T (K ) P (psia) T (K) P (psia) T (K) P (psia) T (K ) P (psia)
305.0 1065 306.2 975 308.2 1145 311.1 1385
305.1 1175 306.8 1565 308.8 1985 311.0 1455
305.4 1425 307.2 2265 309.1 2395 311.1 1535
305.8 1825 307.5 2595 • 309.4 2695 311.3 1955
306.0 2015 307.7 2845 309.8 3175 311.8 2775





Table 5-2 Saturation Conditions in the CO2/nC t0/nC 28 Ternary System
(C 0 2-free X C28 = .08198)
Xco; -= 0.0 XC;„2 = .292 Xc02 —.500 Xc?o2 “ .601
T  (K) P (psia) T  (K) P (psia) T (K ) P (psia) T (K) P (psia)
310.3 260 307.8 620 306.2 785 305.9 885
311.0 665 308.8 1285 307.3 1545 306.9 1665
312.2 1405 310.2 2195 308.4 2315 308.4 2715
313.4 2245 311.0 2745 309.5 3095 309.5 3545
314.4 2835 312.3 3645
314.7 3080
^C02 = .700 Xc02 = .801 Xco2 = .851 Xc02 = .901
T (K ) P (psia) T (K) P (psia) T  (K) P (psia) T (K) P (psia)
306.4 915 308.3 1245 309.9 1265 312.3 1305
307.4 1695 308.8 1795 310.3 1735 313.2 2625
308.4 2565 309.7 2635 311.2 2735. 313.5 3035
309.5 3505 310.7 3595 311.7 3295 _
Table 5-3 Saturation Conditions in the C 0 2/nC |(/nC 28 Ternary System
(C 0 2-free XC28 = .1074)
Xc02 ~ 0.0 Xco2 - .294 Xc02 — .517 X C02 ~ .615
T (K) P (psia) T (K) P (psia) T  (K) P (psia) T  (K) P (psia)
312.5 3(1 309.8 485 308.4 925 308.8 1195
312.7 160 310.2 755 309.7 1945 309.2 1585
313.5 655 311.2 1405 310.6 2675 310.0 2265
314.4 1295 312.5 2215 311.3 3225 311.2 3235
315.3 1825 313.9 3165
316.3 2455
317.4 3135
Xco2 = .708 Xc02 = .803 Xco2 = .852 Xc02 = .904
T (K) P (psia ) T  (K) P (psia ) T  (K) P (psia) T  (K) P (psia)
308.9 1185 310.5 1100 311.9 1195 314.8 2145
309.2 1445 311.0 1845 312.2 1675 315.3 2595
310.0 2055 311.5 2315 312.7 2195 315.8 3145
310.7 2695 312.1 2915 313.0 2620
311.5 3375 312.5 3265 313.8 3390
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Table 5-4 Saturation Conditions in C 0 2/nC in/Xylene/Phenanthrene System 
(C 0 2-free XPhr = . 1484, XCI0/X XyI = 2.0)
^C02 == 0.0 X<;02 —.280 Xc02 —.478 ^C02 —.609
T (K ) P (psia) T (K) P (psia) T  (K) P (psia) T (K ) P (psia)
316.2 30 311.4 735 308.9 845 310.6 975
316.4 635 311.7 1075 309.5 1795 310.7 980
316.9 1005 312.2 1565 309.8 2205 310.9 2115
317.4 1675 312.8 2365 310.3 3065 311.2 2825
318.0 2325 313.4 3095 311.3 3485
318.6 3025
Xc02 = .701 ^C02 = .800 X C02 = .850 Xc02 “ .900
T (K ) P (psia) T (K) P (psia) T  (K) P (psia) T (K ) P (psia)
313.6 3285 317.5 3535 321.9 3135 327.2 3065
313.6 2455 317.4 3495 323.0 2595 328.5 2785
313.7 2055 318.0 2805 325.0 2005 331.3 2185
313.7 1590 318.5 2475 327.5 1515
313.8 1355 319.2 2120
314.3 1195 320.0 1805
321.3 1395
Table 5-5 Saturation Conditions in the CO2/nC 10/Xylene/nC28 System 
(C 0 2-free X C28 = .09803, Xcl0/X Xyl = 2.0)
Xc02 = 0.0 Ĉ<>2 —.578 X(:o2 - .839
T (K) P (psia) T  (K) P (psia) T (K ) P (psia)
310.5 15 306.7 825 310.7 1105
311.0 340 307.7 1555 311.2 1810
311.6 655 308.6 2235 311.9 2360
312.3 1205 309.3 2775 312.4 2910
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Figure 5-7a Solubility o f nC28 in CO2/nC I0/nC28 System at 312 K 
and 1500 psia
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Figure 5-7b Solubility o f nC28 in CO 2 /nC 10/nC28 System at 312 K 
and 3000 psia
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As C 0 2 content increases above the minimum saturation temperature point, the 
saturation temperature increases. When C 0 2 content reaches about 90 mole % for the 
C 0 2/nCIf/n C 21i system and about 80 mole % for the CO2/nC 10/xylene/phenanthrene system, 
the saturation temperature becomes similar to that of the C 0 2-free hydrocarbon mixture. 
When COz is added more than these contents to the saturated COz-free hydrocarbon 
mixtures at given temperatures and pressures, the solids will begin to precipitate. For 
smaller C 0 2 contents, the solutions are undersaturated. The slopes o f the saturation curves 
increase continuously with C 0 2 content, and at high C 0 2 content, deviate considerably 
from that of the C 0 2-free hydrocarbon mixture. In this region of COz content, C 0 2 begins 
to show its original properties and the C 0 2/LHC mixture is no longer as good a solvent as 
LHC only.
In the CO2/nC I0/xylene/phenanthrene system, at about 70 mole % of C 0 2, the 
saturation line is almost vertical, and above this composition the slopes are reversed. The 
pressure effect on the solubility of the solid decreases with C 0 2 content, and becomes 
almost zero at 70 mole % of C 0 2, after which it increases with C 0 2 content again with the 
reverse trend. As pressure increases, the solubility decreases at low C 0 2 content and 
increases at high COz content. In the C 0 2/nC 1(/nC 2K system, even though not shown in the 
range of our experiment, similar trends may exist at very high C 0 2 content.
In the C 0 2/nC„/xylene/phenanthrene system, in the low pressure region at 70 mole 
% C 0 2 content, the saturation line begins to curve, and at higher C 0 2 content, it becomes 
a curve up to high pressure. In this region, the phase seems to be a supercritical fluid and 
the trend of saturation curve is similar to that of a supercritical fluid mixture. In the 
CO2/nC 10/nC28 system also, at very high C 0 2 content, nC U) molecules may work as a 
cosolvent of supercritical C 0 2. Under these conditions, the system is expected to show a 
trend similar to that o f the CO2/nC 10/xylene/phenanthrene mixture.
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The effect of C 0 2 on the solubility of nC28 at constant temperature and pressure may 
be seen better on a triangular diagram. Figure 5-7 shows that the trends at high and low 
pressure are similar. At low C 0 2 content, the solid solubility remains constant with 
increasing C 0 2. From about 60 mole % of C 0 2 content, the solubility decreases fast and 
meets the C 0 2 feed line at about 90 mole % of C 0 2. This point is the starting point of solid 
precipitation.
Comparison of the three systems shows that the change of solvent from nC)0 to 
nC10/xylene with mole ratio of two, changes the trends of the saturation curves very little. 
On the other hand, change of solid from nC28 to phenanthrene changes the trends o f the 
saturation curves considerably. This may be due to the small change of the solvent 




In the temperature and pressure range of interest, the C 0 2/LHC mixture shows VLE 
behavior, the C 0 2/HHC mixture shows SFE, and LHC/HHC mixture shows SLE. 
Unfortunately general methods for prediction of these phase equilibria are not available 
as yet. In case of VLE, both EOS method and activity coefficient method can be used, 
though EOS method is more frequently used. For SFE calculation, EOS is used mostly for 
fitting of experimental results. Binary interaction parameters are adjusted or in severe cases 
the EOS constants are searched as parameters. For SLE calculations, the activity coefficient 
method is more appropriate for the fitting of the experimental results.
The C 0 2/LHC/HHC mixture may show the above three or more phase behaviors 
depending on the materials and compositions. For CO^nQo/nQg and C 0 2/nC|o/xyle­
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ne/nC2s systems, the trends o f the saturation lines are similar, so they can be treated 
similarly. The activity coefficients determined experimentally for the C 0 2/nC2g/nC U) 
system, with Xc2x = .08198 on a C 0 2 free basis are shown in Figure 5-8. At a low content 
of C 0 2, the activity coefficients are slightly sm aller than those in the nC1(/n C 28 system, 
but do not vary much. A fter the minimum point o f the activity coefficient, it increases fast 
with C 0 2 content. In Figure 5-8, the effect o f  saturation temperature and pressure is not 
large. This is because the effect o f temperature and that o f pressure compensate each other.
In our experimental results, it can be seen that the slopes o f  the saturation lines are 
almost linear and the trend is very similar to that of LHC/HHC SLE which was dealt with 
in chapter 4. Therefore, a similar model may be used for the correlation o f the experimental 
data.
General equations for SLE are the same as equations (4-1) to (4-5) in chapter 4, and 
briefly the solubility is expressed as
The same form o f activity coefficient equation may be used here. W ilson, Heil, and NRTL 
equations may be used, but they are not so appropriate as Flory-Huggins plus regular 
solution equation for simplification with the mixed solvent approach. Therefore, the 
Flory-Huggins plus regular solution model .was adopted here. A ssum ing mixed solvent o f 
COz and LHC liquid as one component, the multicomponent mixture reduces to a binary 
mixture. Then the activity coefficient equation becomes the same as that for a binary 
mixture, which was dealt with in chapter 4  (equation 4-22). The only revision necessary 
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( 5 - 2 )
V = £  v Vm "  ' \ t i  i
.vo/vcn/
where, the subscript 3 indicates the solute component, and subscript m indicates mixed 
solvent. xsi is mole fraction component i in solvent mixture. The Flory-Huggins part is the 
same as in the multicomponent case and no parameter is needed. In the regular solution 
theory part, the parameter to be searched is Dm3, which represents the interaction parameter 
between the mixed solvent and the solute. The parameter in the pressure term is A, which 
represents the partial excess volume of the solute. These parameters are strongly dependent 
on the content of COz and weakly dependent on temperature. The parameters obtained in 
chapter 4 are useful because they apply to the case of zero C 0 2 mole fraction. Therefore, 
we put
Here, D21 is the parameter for LHC/HHC mixture, which was obtained in chapter 4. In 
Chapter 4, it was shown that D23 worked better when it was temperature dependent. When 
C 0 2 is added, D ^  will be more dependent on temperature because of the C 0 2 properties. 
Hence, we adopted a similar temperature dependence as in the nC,„/nC2K mixture.
( 5 - 3 )
( 5 - 4 )
Similarly, for the pressure term,
A =  A0 + A, ( 5 - 5 )
A0 is also the parameter of pressure correction term obtained in chapter 4.
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The slope change of the saturation line with COz content in our experimental results 
may be reflected in the composition dependency of parameters, Dx and A,. In the 
C 0 2/nC|o/xylene/phenanthrene system, for C 0 2 content greater than 70 mole %, the 
correlation is difficult with this model, because the pressure correction term of this model 
is almost linear with pressure.
5.4.2 Application to Systems Containing nCM
The parameters Dx and A, were searched so that the % deviation in the calculated 
and the experimental solubilities becomes minimum. The thermodynamic data used in the 
calculation are the same as given in Table 4-3 of chapter 4. A few different C 0 2 molar 
volumes, including 55 cc/mol, the value by Prausnitz et al. (1986) in VLE calculation, 
were tried. The values may be different in different mixtures, In the C 0 2/nC,,/nC28 system. 
75 cc/mol was found to be the best. In the other two systems, this value did not affect the 
results so much. So we used 75 cc/mol in all the calculations. The searched parameters 
using these data were correlated as follows,
For CO2/nC I0/nC2R
eq. (5-3) & (5-5) Dx = 10.5922x|/,, + 27.0531\)/?, + 4.7191xi/?, 
A, =-60.650ii/?,
eq. (5-4) & (5-5) Dx = 10.8370x1/,, + 33.2505\i/?, + 0.6078x|/?, 
A, = —66.697xt/?,
For C 0 2/nC ir/xylene/nC2K
eq. (5-3) & (5-5) £>, = 8.540x1/,, +  31.419xi/?, 
A, = -3 4 .4 5 2 tf ,
eq. (5-4) & (5-5) D , = 9.744V, , +  33 .218^ , 
A, =-42.981X1/?,
126
where, \|/t, is volume fraction of C 0 2 in the solvent. The searched parameters and the 
correlated values of C 0 2/nC )()/nC28 system are shown in Figure 5-9. Our model seems to 
be good enough to correlate the experimental results within the experimental errors.
The form of A, is similar to that suggested by Veretere (1979) in the supercritical. 
binary mixture, where he used the square o f the mole fraction of the supercritical com­
ponent, x,2 , for correlation of solid supercritical mixtures. Again this form of pressure 
correction is similar to that from the theoretical pressure correction o f activity coefficient 
when the partial molar volume and the liquid molar volume o f the solute are almost constant. 
Slight change of the partial molar volume of the solute can be effectively absorbed by 
adjustment o f the parameters. When the partial molar volume changes much with pressure, 
this pressure correction term cannot be applied.
Table 5-6 Average Absolute Deviation (%) of Calculation Results
(CO2/nC 10/nC28 System)
c o 2free XC28 = .06013 c o 2 free XC28 —.08198 O o f'J free XC28 = .1074
eq(5-3) eq(5-4) eq(5-3) eq(5-4) eq(5-3) eq(5-4)
Xc02 eq(5-5) eq(5-5) XC02 eq(5-4) eq(5-5) Xc02 eq(5-5) eq(5-5)
.000 1.15 1.15 .000 0.86 0.86 .000 0.46 0.46
.283 0.82 0.62 .292 0.66 0.72 .294 1.26 1.20
.505 0.85 1.43 .500 0.59 0.49 .517 3.06 3.62
.699 0.99 1.71 .601 0.83 0.78 .615 3.26 2.17
.750 1.35 0.50 .700 0.58 0.25 .708 3.11 1.72
.806 4.16 2.09 .801 2.06 1.99 .803 3.23 1.43
.858 2.37 0.31 .851 2.36 2.24 .852 1.02 1.02
.912 0.64 3.48 .901 0.52 0.75 .904 2.83 1.25
Avg 1.52 1.34 Avg 1.05 1.00 Avg 2.11 1.50
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The average absolute deviations (A AD) o f solubility between experimental data and 
calculation using the above correlations for the CO2/nC I0/nC2f! system are shown in Table 
5-6. Maximum error was about 4.2 % and average error was about 1.6 %, when equations 
(5-3) and (5-5) were used. When equation (5-4) was used instead o f (5-3), the results were 
improved a little and the maximum and average deviations were 3.6 and 1.3% respectively. 
For the CO ^nCif/xylene/nC^ system the overall deviation was about .42 % and .39 % for 
equations (5-3) and (5-4) respectively. In our experiment, C 0 2-free XC28 was changed very 
little but if this change is greater, the improvement by equation (5-4) is expected to be 
more.
Calculation of saturation temperatures at given composition and pressure for the 
C 0 2/nC |(/n C 2(i system using equations (5-4) and (5-5) are shown in Figures 5-10. The 
simple model using the activity coefficient can be used to correlate the experimental data 
successfully for the range in which the mixture behaves as a liquid (not supercritical fluid) 
and the slopes o f the saturation lines are linear.
5.4.3 Application to C 0 2/nCi(,/Xylene/Phenantlirene System
In the CO2/nC 10/xylene/phenanthrene system, the trend o f the saturation lines at low 
C 0 2 content is similar to that in the system containing nC2K. However, the slope is higher, 
and the slope change with C 0 2 content is different. For this composition range the same 
model can be used successfully for the correlation o f the experimental results. The searched 
parameters in this range are
Dx = 19.482*,, — 48.448*,2, +  91.59 lx,3, 
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These are valid up to 70 mole % of C 0 2 using equations (5-4) and (5-5). The calculated 
saturation lines are compared with experimental data in Figure 5-11. The overall error in 
this composition range is about 0.2 %, and except for the curved part of the experimental 
data at 0.701 mole 7c of C 0 2, the correlation seems to be successful.
For higher CO2 content, over 70 mole 7c of C 0 2 in this system, the simple temperature 
and composition dependency of the parameters cannot be used to correlate the experimental 
data successfully. As shown in Wong et al. (1985), a supercritical fluid shows large 
variation in solubility parameter with temperature and pressure. The solubility parameter 
must be dependent on the pressure, temperature and composition. This is largely because 
of the large volume expansion o f C 0 2 with slight increase in temperature and slight decrease 
in pressure.
In the second expression of equation (4-16) for slope of the saturation line, except 
for the partial derivative terms of activity coefficient, all the other terms are pure component 
properties, and accordingly their contributions to the slope are similar for any COz content. 
The terms which are related to the mixture properties are the partial derivative terms of 
the activity coefficient. They are expected to change much when the COz content is high. 
Especially the term affects the slope variation much, because its magnitude takes
greater part in the denominator than the term f —  ̂ ) , in the numerator. If we substitute
V oT Sr,x
the partial derivative with respect to pressure by equation (4-12), the denominator becomes
Vl  Al', V 3- V j  
RT + R T ~  RT
In this equation, as the solid volume is almost constant, we can see that the partial 
















- 3 0 0 -
- 4 0 0
0 2 4 6 8 10 12 14 16 18 20 22
Pressure (MPa)
















30 0 0  psia200 -








310 315 320300 305290 295
Temperature (K)
Figure 5- 12b Partial Molar Volume vs Temperature in CC>2/nC,0 System
135
partial molar volume can be calculated qualitatively by EOS for some binary systems. To 
understand the change of partial molar volume qualitatively, the partial molar volume of 
nC10 in the C 0 2/nCln binary system was calculated by the Modified PR-EOS (Rogalski et 
al., 1991). Results are shown in Figures 5-12.
When the partial molar volume is almost constant with pressure as for xc,„ = 0.3 in 
Figure 5 -12a, the saturation lines have constant slope. This is the case for SLE of 
LHC/HHC, or SLE of C 0 2/LHC/HHC when C 0 2 content is low. In these cases the partial 
molar volume of solute is almost the same as the pure liquid volume. Hence, the 
denominator o f equation (4-16) is positive, which makes the slope positive. As the COz 
content of the mixture increases, the partial molar volume of the solute becomes smaller 
and more dependent on pressure and temperature. When the partial molar volume becomes 
the same as the solid molar volume, the denominator of the slope equation becomes zero 
and the saturation line will be vertical. In our C 0 2/nC|„/xylene/phenanthrene system, the 
slope appears close to vertical at x(;o2 = 0.69. After this point the slope becomes negative. 
When the COz content is close to the critical point composition, the partial molar volume 
changes dramatically with small change of pressure and/or temperature, and the values 
become large negative numbers. This is the main reason why the slope changes with small 
change of temperature and pressure.
Interpolation Method
The phase behavior of C 0 2/LHC/HHC mixtures appears to be the intermediate 
between the phase behavior of LHC/HHC and that of C 0 2/HHC. For LHC/HHC, the 
activity coefficient method was used in chapter 4, and for CCVHHC solid-fluid equilibria, 
the same activity coefficient method was successfully applied in chapter 3 using the basic
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idea described in chapter 2. As the activity coefficient equations in both cases are the same, 
we can correlate by an appropriate interpolation of the parameters of the activity coefficient 
equation. The pressure correction term we have used in chapter 4 was
This pressure correction for LHC/HHC mixture is based on zero reference pressure for 
the activity coefficient. B utin chapter 2 and 3, for the C 0 2/HC binary mixture, extrapolated 
vapor pressure of C 0 2 was used as a reference pressure. In order to treat the CCk/LHC/HHC 
mixture including both LHC/HHC (xcoz = 0) and C 0 2/HHC (xLI,c; = 0) mixtures, it is 
convenient to use the consistent reference pressure. So, the extrapolated vapor pressure o f 
C 0 2 was again used as the reference pressure. The activity coefficient equation used in 
chapter 2 to 5 can be rewritten as
Using the solubility data o f Dobbs et al. (1986) and Kurnik et al. (1981) for the 
COj/phenanthrene system, and using our experimental data for the nC10/xylene/phenan- 
threne system, we found the parameters as follows:
( 5 - 6 )
For the nC„/xylene/phenanthrene system,
D2, = 2 4 .006^-
• m
( 5 - 7 )
( 5 - 8 )
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For the C 0 2/phenanthrene system,
D n = 271.11 -  167.82^-
‘  m
( 5 - 9 )
(5 -1 0 )
where the subscript 1, 2 and 3 indicates C 02, LHC (nC|o/xylene mixture) and HHC 
(phenanthrene), respectively.
The basic idea of the correlation is to interpolate D ^  and Cpm3, the parameters for 
CO2/nC I0/xylene/phenanthrene system, with respect tojt,,, the C 0 2 content of the solvent. 
For a m = 0, the parameters DmJ and Cpm3, must reduce to D2i and Cp23' the parameters for 
the nC10/xylene/phenanthrene mixture. For xS] = 1, they must reduce to D n  and the 
parameters for the CCVphenanthrene mixture. The interpolation functions are as follows,
where, the parameters F, G, and G2 are the interpolation parameters. As the temperature 
and pressure dependency was already considered at the two extreme compositions, xsl = 
0 and xsl = 1, the parameters, F, G, and G2 are functions of xsv the C 0 2 content in the 
solvent, only. For parameter search, at given temperature and pressure, D 23, Cp23 and D 13 
were calculated directly from equations (5-7) to (5-9). Cpl3 was calculated by trial and error 
assuming the solubility o f phenanthrene in supercritical C 0 2. Then, assuming F, G, and 
G 2, the parameters, Dm3 and Cpm3, and solubility were calculated. For each composition,
—  0  X s l ^ ) ^ 2 3  ^ 1 3
Cpms = -5{(l ~ x 1/G l) \nC p23 + a T]G ,In CpI3}
(5 -1 1 )








0 .9 0 -
0 .8 0 -
0 .7 0 -
0 .6 0 -
0 .5 0 -
0 .4 0 -




.00 .10 .20 .30  .40 .50 .60 .70 .80 .90 1.00
XC02 (Solute Free)














.280  P XC02 =  0..478IQ-
308 309 310 311 312 313 314 315 316 317 318 319 320
Temperature (K)
Figure 5- 14a Calculation o f Saturation Lines in C 0 2/nCI(/Xylene/Phenanthrene
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the best param eter values were found so that the difference between the calculated and 
experim ental solubility was minimized.
The interpolation param eters searched are shown in Figure 5-13, and the saturation 
lines calculated by this method using these param eters are shown in Figures 5 -14a and 
5 -14b. The results seem to be satisfactory for the whole com position range w hether the 
saturation lines show SLE or SFE behaviors. This dem onstrates the applicability o f  the 
activity coefficient method for m ulticom ponent mixtures including the supercritical fluid 
with simple mixed solvent approach. This approach reduces the num ber o f  param eters 
especially when many solvent com ponents are involved.
5.5 D iscussion
In the C 0 2/LHC/HHC system, the solubility o f the HHC solid rem ains alm ost con­
stant with increasing C 0 2 content up to some point and decreases above this point. In other 
words, the effect o f C 0 2 on the solubility o f solid is very small at low C O z content, if  the 
pressure is above the bubble point pressure o f  the solution. T he slopes o f the saturation 
lines at low C 0 2 content are sim ilar to that o f  the LHC/HHC system, and at high COz 
content the slope increases and finally becomes vertical. At this vertical slope there is no 
pressure effect on the solid solubility. The point at which the slope becomes vertical 
corresponds to C 0 2  content at which the partial molar volum e o f the solute becomes the 
same as the solid m olar volume.
A fter this point, the slope becomes negative, and as the C 0 2 content increases further, 
the saturation line is no longer straight. This seems to be the trend for supercritical fluid 
m ixtures. At this range o f C 0 2 content, the C 0 2 effect is predominant.
In correlation o f the experimental data, we were able to use a simple pressure cor­
rection as in the LH C/HHC mixture in the com position range where the slopes o f  saturation 
lines are constant at given com position. But for high CO z content, where the slope changes
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along the saturation lines, the parameters are related to temperature, pressure, and the 
composition in a very complicated way. All these properties affect the magnitude o f partial 
molar volume of solute significantly, and the simple pressure correction term o f the activity 
coefficient did not work well. However, by introducing the supercritical phase behavior 
o f COz/HHC through the interploation o f the known parameters for COz/HHC and 
LHC/HHC, the correlation became successful for the whole range o f C 0 2 content.
CHAPTER 6
CONCLUSIONS AND RECOM M ENDATIONS FOR FUTURE W ORK
6.1 Conclusions
VLE of CO:/HC mixtures
A new technique of vapor-liquid equilibrium (VLE) calculation by the activity 
coefficient method has been developed and applied to binary C 0 2 and hydrocarbon 
mixtures. Important improvements are the calculation methods for the fugacity o f pure 
hypothetical liquid C 0 2 and for the pressure correction of the activity coefficient.
The fugacity of pure hypothetical saturated liquid C 0 2 was evaluated at the extrap­
olated vapor pressure of C 0 2. The extrapolated vapor pressure was again used as the 
reference pressure for the activity coefficient. These techniques provide the following 
advantages:
1) Hypothetical liquid molar volume of C 0 2 is used only in the activity coefficient 
equation. So, volume change of C 0 2 is no longer a problem.
2) Pressure correction o f the activity coefficient becomes possible by the EOS, 
because the EOS always gives liquid molar volume of the mixtures in the 
pressure range from system pressure to the reference pressure.
3) The activity coefficient is evaluated at a pressure at which the supercritical C 0 2 
has liquid-like properties.
Correlation results for several mixtures o f C 0 2 and hydrocarbons were compared 
with that by another activity coefficient method due to Robinson and Chao (1971). 
Especially in the high temperature and pressure region, the agreement with experimental 
data from the literature was improved considerably.
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SFE o f CO./HC mixtures
A practical correlation technique o f solid-fluid phase equilibrium using the SRK-EOS 
was suggested and applied to an example mixture o f C 0 2/nC 28. The correlation provides 
an alternative to the conventional calculation method. It is especially useful for mixtures 
including the solid component for which sublimation pressure data are lacking.
The advantages of the technique are
1) The available pure com ponent properties are used in determ ination o f the EOS 
constants for the solute. This makes the regression o f the experim ental solubility 
data easier.
2) Sublimation pressure calculated by the simplified ideal solubility equation, 
using the liquid vapor pressure by an EOS, can be used without loss of accuracy 
in the results.
3) The values o f the binary interaction parameter, ky, are similar to those from 
VLE studies. This can give rough values o f solubility without experimental 
data.
Also, we showed that the activity coefficient method developed in the VLE study 
can be applied successfully. The results were better than those of the EOS method. When 
the subcooled liquid m olar volume data were used in determination o f the EOS constants 
for pressure correction, the results were better than any other correlation m ethod that we 
studied. But it was found that the parameter, D 12, in the activity coefficient equation could 
not be extrapolated from the values found in the VLE study.
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SLE of LHC/HHC mixtures
New experimental data on the saturation conditions for the nC 10/nC28, nC I0/xyle- 
ne/nC28, and nC 10/xylene/phenanthrene mixtures are reported for the pressure range o f 
atmospheric to 3000 psia. For the mixture including nC28 the pressure effect on the solubility 
was considerable. But for the nCl0/xylene/phenanthrene mixture, the pressure effect on 
the solubility was much less.
The pressure and temperature dependence o f the activity coefficient were theoreti­
cally investigated using excess enthalpy data derived from the principle o f congruence and 
excess volume data correlated with the connectivity parameter. The results agreed 
approximately with the experimental data o f nC I0/nC2(! mixture. .
The prediction of the saturation lines, based on the experimental activity coefficient 
evaluated at low pressure, agreed satisfactorily with the experimental data up to high 
pressure. From this result it was concluded that the pressure effect on the solubility o f solid 
is largely due to the volume change o f solute during the phase change. The Taylor Series 
expansion of the activity coefficient, based on the low pressure activity coefficient, and 
using the temperature and pressure dependency, improved the prediction results.
For m ore accurate correlations, we added a simple pressure correction term to the 
activity coefficient equation. The Flory-Huggins plus regular solution equation was applied 
and the results were very good when two parameters, with one dependent on temperature, 
were used. This equation has an advantage that the m ulticomponent solvent can be treated 
as a single component. The W ilson, Heil and NRTL equations were applied to the nC10/nC28 
mixture. It was found that these equations can be used successfully with the same number 
o f  parameters as the Flory-Huggins plus regular solution equation, when the heat of 
vaporization o r vapor pressure data are available.
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SLE of CO-./LHC7HHC
New experimental data on the saturation conditions for CO 2 /nC 10/nC2fj, 
C 0 2/nC|o/xylene/nC2K and C 0 2/nC l(/xylene/phenanthrene mixture are reported. At low 
C 0 2 content, the solubility remains almost constant with increasing C 0 2 content, and at 
high C 0 2 content, the effect of C 0 2 becomes significant. For mixtures including nC2g, the 
saturation lines are almost straight up to 90 mole % of C 0 2. But for the mixture including 
phenanthrene, at about 70 mole % o f C 0 2 content, the saturation lines begins to curve and 
show supercritical fluid phase behavior.
Correlation was successful with a similar model to that for light and heavy hydro­
carbon mixtures, when the C 0 2 content was in the range such that the saturation lines were 
almost straight. The advantage of the Flory-Huggins plus regular solution equation is that 
the mixed solvent can be treated easily as one solvent by using average molar volume.
An interpolation method for the correlation of the solubility in the supercritical 
fluid/liquid-solid mixtures was suggested and applied to the CO2/nC l0/xylene/phenan- 
threne mixture, which shows supercritical phase behavior at high C 0 2 content. The 
parameters for the activity coefficient were found from those o f nC,,/xylene/phenanthrene 
and COz/phenanthrene mixtures by interpolation with respect to COz content in the solvent. 
The results o f this method were successful for the whole range of C 0 2 content in the solvent 
(xco2 from 0 to 1).
6.2 Recommendations for Future Work
VLE of CO./HC
1. As discussed in chapter 2, the equation for vapor pressure extrapolation of C 0 2 may
be valid only near the critical temperature. Further study for better extrapolation o f 
C 0 2 vapor pressure is needed for better results.
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2. Further study to reduce the num ber o f param eters is needed for practical application. 
Also, detailed com parison with the EOS m ethod is necessary.
3. Application o f this method to m ulticom ponent m ixtures has to be studied further.
SFE o f CO:/HC
1. A better general EOS is needed for good prediction o f  properties in the subcooled 
liquid region o f heavy com ponents and in the supercritical region o f  the light com ­
ponents.
2. In correlation o f the solid fluid equilibrium , for the case without sublimation pressure 
and critical point data, more study is needed to determ ine the EOS constants using 
pure com ponent properties which are readily available.
3. Further study o f the pressure corrected activity coefficient m ethod may give a tech­
nique for the extrapolation o f the param eters from the tem perature o f  VLE region to 
that o f SFE region.
SLE o f LHC/HHC
1. Low pressure SLE data for a broader tem perature range are needed for better under­
standing o f the phase behavior and better evaluation o f  the activity coefficient 
equations.
2. Experim ents using m ixed solvents and mixed solids are necessary for better repre­
sentation o f residual oils.
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SLE of CO-VLHCYHHC
1. For C 0 2, light paraffin liquid, heavy paraffin solid mixtures, experiments up to higher 
C 0 2 content are necessary for the saturation line trends showing the supercritical fluid 
phase equilibria.
2. Experiments for mixed solids must be done for better understanding o f the effect of 
C 0 2 on solid deposition in residual oils.
3. For correlation of the solubility data, further study is needed for a more convenient 
form of the interpolation function.
NOMENCLATURE
A ■ parameter for pressure correction of activity coefficient (cmVmol)
a : EOS constant (J cmVmol2)
b : EOS constant (cm3/mol)
Cp : pressure correction for activity coefficient
c : third order connectivity parameter
O i} : parameter for Flory-Huggins plus regular solution equation (J/cm3)
/  : fugacity of a pure component at system temperature and pressure
A
/  : fugacity at a mixture at system temperature and pressure
q e : excess Gibbs free energy (J/mol)
g;j : interaction energy between pair i-j
H '■ enthalpy (J/mol)
AHm ■ heat of melting of solid (J/mol)
AH, : heat of transition at solid phase (J/mol)
AHv : heat o f vaporization (J/mol)
K  : equilibrium constant
ki} : binary interaction parameter between component i and j in EOS
Ii; : binary interaction parameter between component i and j in the activity coefficient
equation
n : number of carbon atoms in n-alkane
P : pressure (MPa)
R : gas constant (8.31441 J/mol K)
T  : temperature (K)
V : molar volume (cmVmol)
V : partial molar volume (cmVmol)
AV • volume change of solute during the course of phase change (cmVmol) 
x  : mole fraction in liquid (expanded liquid) mixture
y  : mole fraction in vapor (compressed gas) mixture
Greek Letters
6 : solubility parameter (J/cm3)1/2
y  : volume fraction in a liquid mixture
<}) : fugacity coefficient o f a pure component
$ : fugacity coefficient in a mixture
y : activity coefficient in system temperature and pressure





ij : component i and j
m : melting
o : reference for Taylor Series expansion
r : reduced
rm : reduced property at melting point temperature













s saturated vapor in equilibrium with liquid
ss saturated vapor in equilibrium with solid
V vapor phase
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APPENDICES
A. Partial Molar Volume by Soave-Redlich-Kwong Equation of State
The derivation of partial molar volume by Redlich-Kwong equation of state is given 
by Chueh and Prausnitz (1967). Using a similar procedure, for Soave-Redlich-Kwong 
equation o f State, the partial molar volume is derived as follows :
In our case, this partial molar volume is used for the pressure correction for the activity 
coefficient. So the volume, V, must be the liquid volume of the mixture. If the pressure is 
too low, the liquid molar volume may not be calculated by an equation of state. The detailed 
calculation is given in the FORTRAN program PARTV. Results for CO-JnC^ are shown 
in Figure 2-1.





* —  P A R T I A L  MOLAR VOLUME BY S R K - E O S  —
SAMPLE C A L C UL A TI ON  FOR SATURATED L I Q U I D  MIX 
COMPONENT 1 : C 0 2  
2 : NC4
NOMENCLATURE
★ TT TEMPERATURE (K)
* PP P R E S S U R E  (MPA)
■* XX MOLE F R A C T I O N  OF  C 0 2 ( =  X I )
•* K 1 2 BIN AR Y  I N T E R A C T I O N  PARAMETER
k VLP P A R T I A L  MOLAR VOLUME (C C /M O L )★
I M P L I C I T  R E A L * 8  ( A - H , G - Z )
P A R A M E T E R < N P = 1 5 )
R E A L * 8 K 1 2
COMMON / B L K 1 / R R , T T , R T  
D I M E N S I O N  X X ( N P ) , P X ( N P )
DATA T C I , P C l , W l / 3 0 4 . 2 1 ,  7 . 3 8 2 5 ,  . 2 2 5 /
DATA T C 2 , P C 2 , W 2 / 4 2 5 . 2 ,  3 . 7 9 6 ,  . 2 0 0 4 /
C —  VLE DATA FROM OLDS ET  A L . ( 1 9 4 9 )  —
2 . 0 6 8 4 ,  2 . 7 5 7 9 ,
6 . 2 0 5 3 ,  6 . 8 9 4 7 ,
. 1 6 2 ,  . 2 2 2 ,  . 2 8 3 ,
. 6 6 1 ,  . 7 1 3 /
R R = 8 . 3 1 4  4 1D0  ! GAS CONSTANT
DATA P X / 0 . 8 6 1 8 ,  1 . 0 3 4 2 ,  1 . 3 7 8 9 ,  1 . 7 2 3 7 ,
+ 3 . 4 4 7 4 ,  4 . 1 3 6 8 ,  4 . 8 2 6 3 ,  5 . 5 1 5 8 ,
+ 7 . 5 8 4 2 ,  7 . 9 2 9 0 ,  8 . 1 6 3 4 /
DATA X X / . 0 0 2 ,  . 0 1 7 ,  . 0 4 5 ,  . 0 7 4 ,  . 1 0 3 ,
+ . 3 4 5 ,  . 4 0 9 ,  . 4 7 4 ,  . 5 4 3 ,  . 6 1 8 ,
TT = 3 4  4 . 2 6  ! G I V E N  TEMPERATURE
R T = R R * T T
T R 1 = T T / T C 1
T R 2 = T T / T C 2
C —  K 1 2  VALUE G I V E N  BY E QU AT IO N  ( 2 - 1 6 )  a n d  ( 2 - 1 7 )  —
I F ( TR2  . L E .  . 8 )  THEN
K 1 2 = . 1 2 5 8 5 - . 0 0 4 4  9 6 2 / T R 2 - . 0  9 2 6 6 * T R 2 + . 1 3 0 5 7 0 * T R 2 * T R 2  
E L S E
K 1 2 = 4 . 9 6 2  6 4 - 1 . 2 5 4  6 2 / T R 2 - 6 . 3 0  9 9 l * T R 2 + 2 . 7 8 6 6 6 * T R 2 * T R 2  
END I F
C —  P R I N T  OF THE G I V E N  I N P U T  DATA —
W R I T E ( 6 , ' ( 1 0 X , 1 4 H  TEM PERATURE = , F 8 . 2 ) ' )  TT
W R I T E ( 6 , ' ( 1 0 X , 6 H  T R 1  = , F 8 . 4 , 3 X , 6 H  T R2  =, F8 . 4 )'> T R 1 , T R 2
W R I T E ( 6 , ' ( 1 0 X , 6 H  K 1 2  = , F 8 . 4 / / ) ' )  K 1 2
WR IT E  < 6 ,  1 0 1 )
1 0 1  F O R M A T ( 1 0 X , ' X C 0 2 ' , 5 X , ' P ( M P A ) ' , 6 X , ' V L P 1 ' , 8 X , ' V L P 2 ' )
C —  C AL C U L A TI O N  OF  P A R T I A L  MOLAR VOLUME —
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DO 1 0 0  1 = 1 , NP 
P P = P X ( I )
X 1 = X X ( I )
X 2 = 1 - X 1
CALL S P A R T V ( P P , T C I , P C 1 , W l , T C 2 , P C 2 , W2, K 1 2 , X I , X 2 , V L P 1 , V L P 2 , VLM) 
W R I T E ( 6 , ' ( 7 X , 2 F 9 . 4 , 2 F 1 2 . 3 ) ' )  X I , P P , V L P 1 , VLP2  
1 0 0  CONTINUE
STOP
END
* P A R T I A L  MOLAR VOLUME BY S R K - E O S * . „              ____
* IN PUT  ARGUMENTS
* 1 .  T C I , P C I , W l , T C 2 , P C 2 , W 2  : C R I T I C A L  P R O P E R T I E S
* 2 .  K 12  : B INARY IN T E R A C T IO N  PARAMETER
* 3 .  X I , X 2  : MOLE FRAC TIO NS
* OUTPUT ARGUMENTS
* 1 .  V L P 1 , V L P 2 : P A R T I A L  MOLAR VOLUMES (CC/MOL)
* 2 .  VL : L I Q U I D  MOLAR VOLUME OF MIXTURE (CC/MOL)
SUBROUTINE S P A R T V ( P P , T C I , P C I , W l , T C 2 , P C 2 , W2, K 1 2 , X I , X 2 , V L P 1 , V L P 2 , VL) 
I M P L I C I T  R EAL *8  ( A - H , 0 - Z )
R E A L * 8 K 12
COMMON / B L K 1 / R R , T T , R T  
DIME NSI ON A C ( 3 )
E R R = 1 . D - 1 5  
NOK=0 
V L P 1 = 0 .
V L P 2 = 0 .
C —  EOS CONSTANTS FOR COMPONENT 1 —
T R = T T / T C 1
X M = 0 . 4 8 0 + 1 . 5 7 4 * W l - 0 . 1 7  6*W1*W1 
A L F A = ( 1 + X M * ( l - T R * * . 5 ) ) * * 2  
A1 =  0 . 4 2 7  4 7  * A L F A * R R * R R * T C 1 * T C 1 / P C I  
B 1 = 0 . 0 8  6 6 4  * R R * T C 1 / P C 1
C —  EOS CONSTANTS FOR COMPONENT 2 —
T R = T T / T C 2
X M =0 . 4 8 0  + 1 . 5 7  4 * W 2 - 0 . 1 76 *W 2 *W 2 
A L F A = ( 1 + X M * ( l - T R *  * . 5 ) ) * * 2  
A 2 = 0  . 4 2 7 4 7  *A L F A * R R * R R * T C 2  * T C 2 / P C 2  
B 2 = 0 . 0 8 6 6 4 * R R * T C 2 / P C 2
C —  EOS CONSTANTS FOR MIXTURE —
A 1 2 =  { 1 . - K 1 2 ) * D S Q R T ( A 1 * A 2 )
I F ( X I  . L T .  ERR) THEN 
A=A2 
B=B2





A = X l * X l * A l + 2 . * X 1 * X 2 * A 1 2 + X 2 * X 2 * A 2  
B = X 1 * B 1 + X 2 * B 2  
END I F
C —  ROOTS OF C U B IC  EQUATION —
BB =  B * P P / R T  
AA =  A * P P / (R T *R T )
A C ( 1 ) =  —1 .
A C ( 2 ) = A A - B B - B B * B B  
A C ( 3 ) = - A A * B B
CALL P O L Y ( A C , Z G ,  ZL)
C —  EVALUATION OF  THE ROOTS OF  C U B I C  EQUATION —
I F ( Z L  . L T .  ERR) N OK =l
I F ( N O K  . N E .  1 .AN D .  Z L - B B  . L T . 0 . )  NOK=2 
I F ( N O K  . E Q .  0 )  GO TO 2 0
I F ( N O K  . E Q .  1 )  W R I T E ( 6 , * ) ' L I Q U I D  VOL DOES NOT E X I S T '  
I F ( N O K  . E Q .  2 )  W R I T E ( 6 , * ) ' L I Q U I D  VOL TOO SMALL'
NOK=0
RETURN
C —  CALCULATION OF THE P A R T I A L  MOLAR VOLUME —
2 0  V L = Z L * R T / P P  
F 1 = R T / ( V L - B )
F 2 = 2 / ( V L * ( V L + B )  )
F 3 = A / ( V L * ( V L + B ) * * 2 )
F 4 = F 1 / ( V L - B ) - A * (2 *VL+B)  / (VL*  (VL+B)  ) * * 2
C —  FOR COMPONENT 1 —
I F ( X I  . L T .  ERR)  THEN 
AK=A12
E LS E  I F  (X2 . L T .  ERR) THEN 
AK=A1 
E LSE
AK = X 1 * A 1 + X 2 * A 1 2  
END I F  
BK = B1
V L P 1 = ( F 1 * ( 1 + B K / ( V L - B ) ) - A K * F 2 + B K * F 3 ) / F 4
C —  FOR COMPONENT 2  —
I F ( X I  . L T .  ERR)  THEN 
AK=A2
E LS E  I F  (X2 . L T .  ERR) THEN 
A K=A 12  
ELS E
AK =  X 1 * A 1 2 + X 2 * A 2  
END I F  
BK = B2
V L P 2 = ( F I * ( 1 + B K / ( V L - B ) ) - A K * F 2 + B K * F 3 ) / F 4
RETURN
END
■* SOLUTION OF POLYNOMIAL EQUATION *
* ---------------------------------------------------------------------------------------------------------------------------------------------------------------------------------*
* IN P UT  ARGUMENTS
* A : C O E F F I C I E N T  OF EQUATION
* OUTPUT ARGUMENTS
* ZG : MAXIMUM REAL ROOT
* ZL : MINIMUM REAL ROOT
* OTHERS
* RR : REAL PART OF ROOT
* FF  : IMAGINARY PART OF  ROOT
 *-----------------------------------------------------------------------------------------------------------------------------------------------*
SUBROUTINE P O L Y ( A , Z G , Z L )
I M P L I C I T  R E A L * 8 ( A - H , 0 - Z )
D IM E NS IO N  A ( 3 ) , R R ( 3 ) , F F ( 3 ) , Z Z ( 3 )
E R R = 1 . E - 1 5
N =3  ! C U B IC  EQUATION
C —  I N I T I A L  PARAMETER AND S O LUT ION  OF POLYNOMIAL EQUATION
DO 2 0  P l = 1 0 . , - 1 0 . , - 1 .
DO 2 0  Q l = - 1 0 . , 1 0 . , 1 .
CALL B R S T W ( N , A , P 1 , Q 1 ,  R R , F F )
DO 2 0  1 = 1 , N
I F ( A B S ( R R ( I ) ) . G T .  ERR)  GO TO 2 2  
2 0  CONTINUE
C —  CHOOSE REAL ROOTS —
2 2  DO 2 5  1 = 1 , N
I F ( A B S ( F F ( I ) ) . L T .  ERR)  THEN 
Z Z ( I ) = R R ( I )
ELSE
ZZ ( I ) = 0 .DO 
END I F  
2 5  CONTINUE
C —  CHOOSE MAX AND MIN REAL ROOTS —
ZMAX=MAX(ZZ( 1 ) , Z Z ( 2 ) , ZZ ( 3 )  ) 
Z M I N = M I N ( Z Z ( 1 ) , Z Z ( 2 )  , ZZ (3 )  )
F F F = A ( 1 ) * A ( 1 ) - 3 * A (2 )








R l =  ( - A ( 1 ) + S Q R T ( F F F ) ) / 3 . D 0  
R 2 = ( - A ( 1 ) - S Q R T ( F F F ) ) / 3 . D 0  
I F ( ZMAX . G T .  R l )  THEN 
ZG=ZMAX 
Z L = 0 .
E L S E  IF ( Z M A X  . L E .  R 2 ) THEN 
ZG= 0  .
ZL=ZMAX
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END I F  




* B A I R S T O W  METHOD OF  P O L Y N O M IA L  E Q . * * — — — _  — _ ____________________  *
* N : D E G R E E  OF  POLY NO MI A L
* A : G I V E N  C O E F F I C I E N T S
* P I  £ Q1  : I N I T I A L  G U E S S
* E Q .  : X * * N + A l * X * * ( N - l )  +   +  AN
* RR : R E A L  P A R T  O F  ROOT
* F F  : IM A G IN A R Y  PA R T  O F  ROOT
 *  *
S U B R O U T I N E  B R S T W { N X , A X , P i , Q l , R R , F F )  
I M P L I C I T  R E A L * 8 ( A - H , 0 - Z )
D I M E N S I O N  A X ( 3 )  , A ( 3 ) , B ( 3 )  , C < 3 )  , R R ( 3 ) , F F  < 3 )  
DATA E R R , E R R 1 / 1 . D - 1 5 ,  l . D - 1 0 /
DO 1 5  1 = 1 , NX 
A ( I ) = A X ( I )
R R ( I ) = 0 . D + 0 0  
1 5  F F  ( I ) = 0 . D + 0 0
N=NX
NN=N
5 I F  (N . N E .  1 )  GO TO 8
R = - A ( l )
F = 0 . D + 0 0  
K=NN—N + l  
R R ( K ) = R  
GO TO 8 0
8 I F ( N  . G T .  2 )  GO TO 1 0
P = A ( 1 )
Q = A ( 2 )
GO TO 5 0
1 0  P = P 1
Q=Q1  
M=1
2 0  B ( 1 ) = A ( 1 ) —P
B ( 2 ) = A ( 2 ) —P * B ( 1 ) - Q  
DO 3 0  1 = 3 , N 
3 0  B ( I ) = A ( I ) - P * B ( 1 - 1 ) - Q * B ( 1 —2 )
L = N - 1
C ( 1 ) = B ( 1 ) - P  
C ( 2 ) = B ( 2 ) - P * C ( 1 ) - Q  
DO 4 0  J = 3 , L  
4 0  C {J ) = B ( J ) - P * C ( J - l ) - Q * C ( J - 2 )
C B = C ( L ) - B ( L)
I F  (N . E Q .  3 )  THEN 
D E N = C ( N - 2 ) * * 2 - C B  
E L S E
D E N = C ( N - 2 ) * * 2 - C B * C ( N - 3 )
END I F
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I F ( D E N  . L T .  ERR)  GO TO 7 0
I F ( N  . E Q .  3 )  THEN
DELP = ( B ( N - l ) * C ( N - 2 ) - B ( N ) ) / D E N  
E L S E
D E L P = ( B ( N - l ) * C ( N - 2 ) - B ( N ) * C ( N - 3 ) ) /D E N  
END I F
D E L Q = ( B ( N ) * C ( N - 2 ) - B ( N - l ) * C B ) / D E N
P = P + D E L P  
Q=Q+DELQ 
D P = A B S ( D E L P )
D Q = A B S ( D E L P )
SUM=DP+DQ
I F ( M  . E Q .  1 )  SUM1=SUM
I F ( M  . E Q .  NN .A N D .  SUM . G E .  SUM1)  GO TO 7 0  
I F ( S U M  . L E .  ERR)  GO TO 5 0
I F ( M  . G T .  5 0  . A N D .  SUM . L T . E R R 1 )  GO TO 5 0  
M=M+1 
GO TO 2 0  
R = - . 5 * P  
F = P  * P / 4 . - Q  
I F ( F  . G E .  0 . )  THEN 
F 1  = 0 .
F 2 = 0  .
R 1 = R + D S Q R T ( F )
R 2 = R - D S Q R T ( F )
E L S E
F 1 = D S Q R T ( A B S ( F ) )
F 2 = - F 1  
R 1 = R  
R 2 = R  
END I F
K = N N - N + 1  
R R ( K ) = R 1  
R R ( K + l ) = R 2  
F F ( K ) = F 1  
F F ( K + l ) = F 2
N = N - 2
I F ( N  . L E .  0 )  GO TO 8 0  
DO 6 0  1 = 1 , N 
A ( I ) = B ( I )
GO TO 5
DO 7 5  1 = 1 , NN 







B. FO RTRA N  Prog ram  for P ressure C orrection
PROGRAM PCORR
*  = 2 =  =  =  =  =  =  =  =  =  =  =  =  r= s =  =  == =  =  =  =  £ 2 ^  =  =  =  s= £ 2  =  =  s ^  =  =  =  = s s  =  =  =  =  =  = s  =  =  =  = : r =  =  =  =  =  = r  =  =  =  =  = :  =  = *
* —  CALCULATION OF PRES UR E COR REC TIO N —
*== = == = = = = = = = -  = = === = ====_ = = = = =; = = = = = ====-==== = = = =: = = = = = =: = =: = = = =====*
* BY S R K - E O S  FOR C 0 2 / C 4  AND C O 2 / C 1 0
* NC = 1 CO2
* 2 C4 OR C IO
* FOR C 0 2 / C 4  : AT 3 4 4 . 2 6  K
* C O 2 / C I 0  : AT 4 1 0 . 9 3  K
* = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = = *
I M P L I C I T  R E A L *8 ( A - H , 0 - Z )
P A R A M E T E R ( N P = 1 5 ,  N C = 2 )
R E A L * 8  K 12
COMMON / B L K 1 / R R , T T , R T
D IM E N S I O N  X X ( N P , N C ) , P X ( N P , N C ) , T X ( N C ) , A X 1 ( 9 ) ,  
+ T C X ( N C ) , P C X ( N C ) , W X ( N C ) , N N ( N C )
DATA T C I , P C I , W l / 3 0 4 . 2 1 ,  7 . 3 8 2 5 ,  . 2 2 5 / ! C 0 2
DATA T C X / 4 2 5 . 2 ,  6 1 7 . 6 / ! C4 /  C IO
DATA P C X / 3 . 7 9 6 ,  2 . 0 9 7 / ! C4 /  C IO
DATA WX/ . 2 0 0 4 ,  . 4 8 8 5 / ! C4 /  C IO
DATA T X / 3 4 4 . 2 6 ,  4 1 0 . 9 3 /
DATA N N / 1 5 ,  1 2 /
VLE DATA FROM OLDS ET  A L .  ( 1 9 4 9 )  FOR C 0 2 / C 4  AND
REAMER AND SAGE ( 1 9 6 3 )  FOR C O 2 / C 1 0 —
DATA P X / 1 2 5  . , 1 5 0  . , 2 0 0 . , 2 5 0 . , 3 0 0 . , 4 0 0 . , 5 0 0  . , 6 0 0  . ,
+ 7 0 0  . , 8 0 0  . , 9 0 0  . , 1 0 0 0 . , 1 1 0 0 . , 1 1 5 0  . , 1 1 8 4  . , !C 4
+ 2 0 0  . , 4 0 0 . , 6 0 0 .  , 8 0 0  . , 1 0 0 0 .  , 1 2 5 0  . , 1 5 0 0 . , 1 7 5 0 . ,
+ 2 0 0 0 . , 2 2 5 0 . , 2 5 0 0 . , 2 6 9 2  . , 3 * 0 . / ! C I O
DATA X X / . 0 0 2 , . 0 1 7 , . 0 4 5 , . 0 7 4 , . 1 0 3 , . 1 6 2 , . 2 2 2 , . 2 8 3 ,
+ . 3 4 5 , . 4 0 9 , . 4 7 4 , . 5 4 3 , . 6 1 8 , . 6 6 1 , . 7 1 3 , !C4
+ . 0 7 9 6 , . 1 5 4 8 , . 2 2 4 0 , . 2 8 7 9 , . 3 4 7 6 , . 4 1 8 3 , . 4 8 7 8 , . 5 5 7 6 ,
+ . 6 2 7 7 , . 6 9 5 4 , . 7 6 3 5 , . 8 7 0 5 , 3 * 0 . / ! C IO
■C —  ANT OINE EQUATION CONSTANTS FO R C 0 2  FROM PROPY —
DATA A X 1 / - 5 2 8 4 . 0 2 6 ,  3 0 9 1 5 3 . 1 ,  1 1 1 . 1 4 1 4 ,  - 1 . 0 0 9 9 2 9 ,  8 5 0 . 2 0 9 4 ,  
+ 1 . 8 8 6 6 4 1 D - 1 5 ,  6 . ,  1 6 7 . 3 1 ,  3 0 4 . 2 0 /
R R = 8 . 3 1 4 4 1 D 0  
P 0 = . 1 0 1 3 2 5 D 0
DO 1 0 0  K = l , 2 
T T = T X ( K )
R T = R R * T T
T C 2 = T C X ( K )
P C 2 = P C X ( K )
W2=WX(K)
T R 1 = T T / T C 1
T R 2 = T T / T C 2
C —  PARAMETER DE T E RM IN AT IO N  : EQUATION ( 2 - 1 6 )  TO ( 2 - 1 9 )  —
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I F ( T R 2  . L E .  . 8 )  THEN
K 1 2 = . 1 2  5 8 5 - . 0 0 4  4 9 6 2 / T R 2 - . 0  9 2 6 6 * T R 2 + . 1 3 0 5 7  0 * T R 2 * T R 2  
E L S E
K 1 2 = 4 . 9  6 2  6 4 - 1 . 2 5 4  6 2 / T R 2 - 6 . 3  0 9 9 1 * T R 2 + 2 . 7 8 6 6 6 * T R 2 * T R 2  
END I F
J
V D O T = 6 6 0 2 . - 9 8 . 5 9 / T R 2 - 9 2 8  9 . * T R 2 + 4 2  9 5 . * T R 2 * T R 2
D 1 2 = { 7 4 . 7 4 8 + 1 3 . 4 6 3 / T R 2 - 8  7 . 9 1 8 * T R 2 + 1 3 . 8 8  9 * T R 2 * * 2 ) * ( T R 1 * T R 2 ) * * . 5  
V L l = V D O T * T R l / D 1 2
C —  VAPOR P R E S S U R E  OF  C 0 2  —
I F ( T T  . G T .  A X 1 ( 8 )  . A N D .  T T  . L T . A X 1 ( 9 ) )  THEN
P S 1 = A X 1 ( 1 ) + A X 1 ( 2 ) / ( T T + A X 1 ( 3 ) ) + A X 1 ( 4 ) * T T + A X 1 ( 5 ) * D L O G ( T T )
+ + A X 1 ( 6 ) * T T * * A X 1 ( 7 )
P S 1 = D E X P ( P S 1 )
P S 1 = 1 . D - 0 6 * P S 1  
E L S E
P S 1 = . 1 0 1 3 * D E X P ( - 2 0 1 5 / T T + 1 0 . 9 1 )
END I F
C —  I N P U T  DATA AND CALCULATED DATA P R I N T I N G  —
I F ( K  . E Q .  1 )  W R I T E { 6 , 9 0 )
I F ( K  . E Q .  2 )  W R I T E ( 6 , 9 1 )
W R I T E ( 6 , ( 1 0 X , 1 4 H  TEMPERA TUR E = , F 8 . 2 )
W R I T E ( 6 , ( 1 0 X , 6 H TR1 = , F 1 2 . 4 ) ' ) T R 1
W R I T E ( 6 , ( 1 0 X , 6 H T R 2 = , F 1 2 . 4 ) '  ) T R 2
W R I T E ( 6 , ( 1 0 X , 6 H K 1 2 = , F 1 2 . 4 ) ' ) K 1 2
W R I T E ( 6 , ( 1 0 X , 6 H D 1 2 =  , F 1 2 . 4 ) '  ) D 1 2
W R I T E ( 6 , ( 1 0 X , 6 H VL1 =  , F 1 2 . 4 )  '  ) VL1
W R I T E ( 6 , ( 1 0 X , 6 H P S 1 = , F 1 2 . 4 / / ) '  ) P S 1
9 0  F O R M A T < 1 OX, '  C 0 2 / N C 4  S Y S T E M ' )
9 1  F O R M A T ( / / 1 O X , ' C 0 2 / N C 1 0  S Y S T E M ' )
C —  C A L C U L A T I O N  OF P R E S S U R E  C O R R E C T I O N  AND OUTPUT P R I N T  —
W R I T E ( 6 , 9 5 )
9 5  F O R M A T ( 1 0 X ,  '  P ( M P A ) ' , 7 X , ' X C 0 2 ' , 3 X , ' C P I ' , 9 X , ' C P 2 '  )
M= NN(K )
DO 1 0 0  1 = 1 , M 
P P = P X ( I , K )
I F ( I  . L E .  1 5 )  P P = P P / 1 4 5 . 0 3 8  
X 1 = X X ( I , K)
X 2 = 1 - X 1
CAL L S C O R P ( 2 , T C I , P C I , W l , T C 2 , P C S , W 2 , 0 . , 1 . , K 1 2 , P S 1 , P P , V L P 1 , VLP 
+ V L M , C O R P 2  0 )  ! P U R E  COMPONENT
C AL L S C O R P ( 1 , T C I , P C I , W1 , T C 2 , P C 2 , W 2 , X I , X 2 , K 1 2 , P S 1 , P P , V L P 1 , V L P 2 , 
+ V L M , C C R P 1 )
C AL L S C O R P ( 2 , T C I , P C I , W 1 , T C 2 , P C 2 , W 2 , X I , X 2 , K 1 2 , P S 1 , P P , V L P 1 , V L P 2 , 
+ V L M , C O R P 2 )
C P 1 = D E X P ( C O R P 1 - V L 1 * ( P P - P S 1 ) / R T )
C P 2 = D E X P ( C O R P 2 - C O R P 2 0 )
W R I T E ( 6 , ' ( 5 X , 4 F 1 2 . 5 ) ' )  P P , X I , C P I , C P 2  






*      _ _______________________________
* IN T E G R A T IO N  OF P A R T I A L  MOLAR VOLUME
 *             _
★ BY ROMBE RG'S  METHOD
* I N P U T ARGUMENT
* NC : COMPONENT
* 1 : C 0 2
* 2 : HYDROCARBON
★ P S : C 0 2  VAPOR P R E S S U R E  (MPa)  ( I N I T I A L  P O I N T )
* PP : SYSTEM P R E S S U R E  (MPa)  (L A ST  P O I N T )
★ OUTPUT ARGUMENT
★ VLP : P A R T I A L  MOLAR VOLUMES AT SYSTEM P R E S S U R E
★
★ — —. -
CORP : IN T E G R A T IO N  OF P A R T I A L  MOLAR VOLUME
SUBR OUT INE S C O R P ( N C , T C I , P C I , W1 , T C 2 , P C 2 , W 2 , X I , X 2 , K 1 2 , P S , P P ,
+ V L P 1 , V L P 2 , V L M , C O R P )
I M P L I C I T  R E A L * 8  ( A - H , 0 - Z )
R E A L * 8 K 12
COMMON / B L K 1 / R R , T T , R T  
D IM E N S I O N  C P < 2 0 , 2 0 )
DATA E P S / 1 . D - 6 / , I M A X / 2 0 /
E R R = 1 . D - 1 5
C —  D I V I D E  THE TOTAL INTERV AL INT O 2 S E C T IO N  —
I F ( P P  . L T .  P S ) T H E N  
P 1 = P S  
P 3 = P P
P 2 = P 1 - . 7 * ( P 1 - P 3 )
E LS E
P 1 = P S
P 3 = P P
P 2 = P 1 + . 3 * ( P 3 - P 1 )
END I F
C O R P = 0 .
DO 5 0  K = l , 2
C —  I N I T I A L  AND LAST P O I N T  —
I F ( K  . E Q .  1)  THEN 
P I = P 1  
P L = P 2  
E L S E  
P I = P 2  
P L = P 3  
END I F
CALL S P A R T V ( P I , T C I , P C I , W l , T C 2 , P C 2 , W 2 , K 1 2  , X I , X 2 , V L P 1 1 , V L P 2 1 , VL) 
CALL S P A R T V ( P L , T C I , P C 1 , W l , T C 2 , P C 2 , W2 , K 1 2 ,  X I , X 2 , V L P 1 2 , V L P 2 2 , VL) 
I F ( K  . E Q .  2 )  THEN 
V L P 1 = V L P 1 2  




I F ( N C  . E Q .  1 )  THEN
C P  ( 1 , 1 ) = . 5 *  ( V L P 1 1 + V L P 1 2 )
E L S E
C P  ( 1 , 1 )  = . 5 * ( V L P 2 1 + V L P 2 2 )
END I F
H = P L - P I
C —  B E G I N  I T E R A T I O N  —
DO 4 0  1 = 2 , IMAX 
C O R = C P ( 1 - 1 , 1 - 1 )
N = 2 * * ( 1 - 2 )
S U M = 0 .
DO 1 0  J = 1 , N
P = P I + H * ( 2 * J - l ) / 2  * * ( I - 1 )
C AL L S P A R T V ( P , T C I , P C I , W l , T C 2 , P C 2 , W2, K 1 2 , X I , X 2 , V L P 1 , V L P 2 , VL) 
I F ( N C  . E Q .  1 )  THEN 
SU M= SU M+ V LP 1 
E L S E
SUM=SUM+VLP2  
END I F  
1 0  C O N T IN U E
C P ( I , 1 ) = . 5 * C P ( 1 - 1 , 1 ) + S U M / 2 * * ( 1 - 1 )
DO 2  0 J = 2 , I
2 0  C P ( I , J ) = C P ( I , J - l ) + ( C P ( I , J - l ) - C P ( I - 1 , J - l ) ) / < 4 * * ( J - l ) - 1 )
I F ( A B S ( C P ( I , I ) / C O R - 1 )  . L T .  E P S )  GO TO 4 5  
4 0 C O N T IN U E
W R I T E ( 6 , * ) ' N O T  CONVERGED'
4 5  C O R = C P ( I , I ) * H
C O R P = C O R P + C O R / R T  
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